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Abstract
In this dissertation the power draw, the mass transfer and the liquid mixing behaviour of 
boiling and hot sparged stirred tank reactors (STRs) were investigated.
The power draw characteristics of six different impellers were studied under varying 
operating conditions and expressed in terms of the relative power draw, RPD. Generally the 
impellers showed considerably higher power draw in hot gassed than in comparable cold 
conditions.
The main phenomenon in hot systems, the evaporation of liquid into a gas bubble suddenly 
exposed to it, was investigated experimentally. The growth of nitrogen and air bubbles in hot 
water was found to be very fast and be completed typically within milliseconds after their 
exposure to the liquid. This was confirmed by studies applying acoustic bubble sizing 
techniques which were carried out together with Richard Manasseh from CSIRO, Melbourne, 
Australia.
Experimental studies of the gas-liquid mass transfer in hot sparged STRs were carried out 
using a tank of 450 m m  in diameter agitated by a 180 m m  Rushton turbine. Experiments 
involving the temperature kinetics in an air-water system and absorption and desorption of 
ammonia were used to determine gas and also some liquid side mass transfer coefficients. The 
gas side coefficients kga were found to be typically in the order of 0.01 s'1. An enhancement of 
the liquid side mass transfer was also observed.
Both Fick and Stefan-Max well models were employed to express gas side mass transfer 
coefficients. The models predict there will be a decrease of the coefficients at high 
concentrations.
In the hot sparged tank the temperature is essentially uniform throughout the STR.
Liquid mixing times have been measured for various boil-off and sparging rates. No 
significant deviations from the single phase or the cold gassed mixing times in this equipment 
were recorded.
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1 I n t r o d u c t i o n
The present work considers the mass transfer behaviour of boiling and hot sparged 
stirred tank reactors (STRs). This is for example the case in batch organic synthesis 
carried out under reflux of a solvent, highly exothermic reactions, and polymerisation 
where water is produced and boiled off or where live steam injection is used to strip 
out residual monomer.
Despite its ubiquitous application in industrial practice there is a dearth of 
fundamental knowledge in this field. Mixing in agitated tanks under boiling conditions 
has rarely been investigated. The few existing publications are from S m i t h  and 
K a t s a n e v a k i s  (1993), S m i t h  (1994), S m i t h  and T a r r y  (1994), S m i t h  and 
M i l l i n g t o n  (1996) and K a t s a n e v a k i s  (1994). Whereas the first ones deal with the 
power draw of boiling and hot gassed STRs the last one mainly deals with LDA 
measurements of the velocity field.
The scope of this work is the investigation of the mass transfer behaviour in 
boiling or hot sparged stirred tank reactors. The existing frame to this subject is the 
extensive knowledge of the behaviour of cold sparged and the very limited amount of 
literature in boiling stirred tank reactors (power demand) which will be referred to at 
the relevant places. The basic aim of the present work is to bridge this gap and 
eventually provide design criteria for the particular application. Furthermore the 
knowledge about operation of ‘single-phase’ boiling stirred tanks has been extended, 
although reactors are not usually operated under these conditions.
Figure 1.1: Comparison between cold sparged, hot sparged and boiling reactors
Since the main aspect of the present work is the influence of high temperatures on the 
conditions in a stirred tank reactor, in contrast to most of the literature which, due to
25 C 90 C 100 C
its major contribution to the overall mass transfer resistance, focuses on the liquid side 
mass transfer resistance, the emphasis is put on gas side processes.
The main aspects to be considered in this situation are:
• The increased tendency to cavity formation and evaporation behind the impeller 
blades together with a dramatically increased void fraction in the form of a vapour 
gas mixture.
This has a significant impact on power draw and flow field and hence on the liquid side 
mixing parameters such as liquid side mass transfer coefficients and mixing times. This 
will depend on the choice of impeller and operating conditions.
Chapter 2 considers the power draw behaviour of hot gassed and boiling STRs. 
Existing knowledge about the operation of hot stirred tank reactors such as cavitation 
and power draw, is presented in a review. It also contains power draw measurements 
for various impellers and conditions because of its relevance for the mass transfer 
behaviour in STRs. Most of the correlations describing the mass transfer behaviour in 
agitated systems, for example mixing times and liquid side mass transfer coefficients 
can be directly expressed in terms of power consumption.
• The rapid expansion of gas bubbles introduced into the hot liquid (Fig. 1.2).
The rapid expansion which has been observed may be 
internally complete within a few milliseconds, depending 
on the evaporation kinetics and bubble motion. This has 
a considerable effect on the development of the liquid 
side mass transfer boundary layer. Furthermore there 
may be effects of overshoot in the equilibrium radius. Figure 1.2: Boundary layer
• The gas side mass transfer coefficients may be affected if a large amount of liquid is 
evaporated at the gas-liquid interface. This creates a countercurrent flow situation 
when a substance is being absorbed from the gas phase and a substance B 
evaporated into it (see Fig. 1.3); this may significantly influence the mass transfer 
processes in the gas phase.
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3Although the gas side mass transfer resistance is
usually neglected in mass transfer considerations in
STR absorption, the rate determining resistance
may well be shifted towards the gas side in a hot
system. Besides, the dilution of the gas as it enters
the reactor will have an effect on the transfer
driving forces.
Figure 1.3: Situation at the gas-liquid 
These phenomena are addressed in Chapter 3 interface in a hot sparged STR
in terms of single bubbles. An introductory part
about the mass transfer around single bubbles provides the basis for a more basic 
understanding of the assembly of bubbles in a reactor. The theoretical approaches to 
the estimation of gas side mass transfer coefficients are based on Fick diffusion as well 
as a model more suitable for the description of multicomponent diffusion, the Stefan- 
Maxwell equations. Furthermore, experimental investigations applying different 
techniques have been carried out in order to gain an insight into the growth kinetics of 
a gas bubble introduced into hot or boiling water.
In Chapter 4 the basics for mass transfer investigations in a stirred tank reactor are 
presented together with a review of literature concerning gas side mass transfer 
coefficients. The influence of the evaporation on a process involving liquid side as well 
as gas side mass transfer, the absorption and desorption of a water soluble substance 
into and out of hot water, has been investigated experimentally. In addition studies of 
absorption into a liquid phase containing a reactant that removes the absorbed 
substance from the gas-liquid interface instantaneously are reported. This allows 
separate determination of the gas side mass transfer resistance.
An experimental investigation of mixing times in a boiling and hot sparged STR is 
reported in Chapter 5, and the results compared to these in cold conditions.
Unless stated otherwise, a standard 180 m m  Rushton turbine, a type widely used in 
industry, was used to carry out all the experiments reported in the present work. It is 
believed to provide adequate modelling of large scale industrial equipment.
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2  P o w e r  D r a w
Consistent with its significance for the operation of an STR and its particular behaviour 
in hot liquids this chapter deals with the basics of impeller power draw followed by 
reports of experimental investigations in various systems. It will be preceded by an 
introduction describing flow fields in an STR in general and the phenomenon of 
cavitation, which is an essential component of the agitation mechanisms.
In order to provide a basis for the investigation of the behaviour of boiling and hot 
gassed systems, all discussions and experimental work reported below are restricted to 
the air-water system and do not include viscosity effects.
2.1 Flow Fields and Cavitation
Much of the literature about mixing in agitated tanks deals with velocity 
measurements, since the knowledge of the flow field gives the basis for the prediction 
of many of the operational parameters such as pumping capacities (e.g. REVILL, 1982), 
mixing times (e.g. Vorr and MERSMANN, 1988), and chemical reaction rates (e.g. 
M iddleton et al., 1986).
Fig. 2.1 roughly illustrates the flow pattern in a mixing vessel agitated by a radial 
flow impeller, e.g. a Rushton turbine. With an impeller that discharges horizontally two 
secondary toroidal vortices are created, one above and one below the impeller level.
N
Figure 2.1: Flow pattern in a vessel agitated by a Rushton turbine
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These are superimposed on the main circulation induced by the impeller rotation, and 
lead to helical flow paths.
Impellers with an axial discharge such as pitched blade or hydrofoil impellers 
generate a different flow field. In contrast to the radial ones they do not create two but 
only one secondary toroidal vortex. Its orientation depends on the direction of the 
impeller discharge, either pumping up or down.
Cavity Formation
Depending on the choice of impeller, cavitation occurs more or less significantly in 
many industrial applications and cannot be ignored in many mixing processes, 
especially those carried out at high temperatures.
Cavitation is defined as the formation of vapour in a liquid. The term cavitation 
(originally introduced by R.E. Froude) can imply anything from the initial formation of 
bubbles in a flowing liquid to large-scale, attached cavities (supercavitation). The 
formation of individual bubbles and subsequent development of attached cavities, 
bubble clouds, etc., is directly related to local reductions in pressure below a critical 
value.
In order to translate cavitation phenomena into dimensionless groups studies in 
flows around objects use the Cavitation Number (CN) as a parameter (see e.g. 
B a t c h e l o r, 1967). This characterises the probability of cavitation occurring in the 
liquid flow around a given body, relating the difference between the vapour pressure pb 
of the liquid at its local temperature and the pressure pi at a given point in the liquid 
with the bulk (usually relative) velocity v:
C N  = (2.1)
Cavitation is likely to occur when this characteristic number falls below some 
critical value which will depend on the nature of the fluid and the presence of 
cavitation nuclei.
Cavitation is distinguished from boiling in the sense that the former is induced by 
the lowering of hydrodynamic pressure below the vapour pressure of the bulk liquid at
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its local temperature. The latter is induced by a temperature rise above the temperature 
corresponding to a vapour-saturated gas phase. Most usually boiling initiates at a fixed 
hot surface while cavitation occurs at a point of low pressure, which may be in the bulk 
liquid or at some location, like a corner, where locally high liquid velocities are 
associated with a reduction in pressure.
However, cavitation inception and boiling can be compared in terms of the vapour- 
bubble dynamics of sub-cooled and super-heated liquids (Plesset, 1957). The 
difference between true cavitation (vapour in the absence of inert gases) and the 
development of gas cavities is most obvious when looking at works like the one by 
B ruijn et al. (1974) which deals with so called ventilated cavities where gas bubbles 
pass through lower pressure regions.
Here the cavity development behind a Rushton turbine was classified and the 
influence of liquid viscosity and surface tension was investigated. It was found that 
under defined conditions a stable cavity system can be established, even in unaerated 
vessels, for instance as a result of gas entrainment from the surface. These ventilated 
cavities show an outflow of gas at their tail. Research on ventilated cavities behind 
impeller blades distinguishes among four types of cavities and cavitation regimes 
named vortex, clinging, large, and ragged (BlESECKER, 1972; CHAPMAN et al., 1983; 
NlENOW et al., 1979; v a n ’T R iet, 1975). Fig. 2.2 illustrates the stages for a six-blade 
Rushton turbine.
Vortex Cavitation is the first stage which develops at small gas rates. Gas occupies 
the core of the vortices and vortex motion dominates the flow around the impeller 
blades. The horizontal vortex cavity configuration is symmetrical and stable with the 
pairs of cavities behind successive blades of approximately the same size.
With increasing gas rate vortex cavities change gradually to clinging cavities. 
During clinging cavitation there is still a weak trailing vortex motion of the liquid 
around the impeller blades (Ni e n o w and WISDOM, 1974; Smith and 
WARMOESKERKEN, 1985). Developed clinging cavities contact the back of the impeller 
blades. The outflow from the cavities still has a strong radial direction. Again clinging 
cavities form a stable symmetrical configuration.
WARMOESKERKEN and SMTTH (1985) investigated quantitatively the effect of 
various parameters on the onset of the 3-3 configuration which was found to be a very 
characteristic and stable configuration for cavity type evolution in aerated tanks.
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vortex cavity
large cavity
Figure 2.2. The different stages of cavities behind the impeller blades of a 
Rnshton turbine (Warmoeskerken, 1986)
On increasing the gas flow rate or reducing the stirrer speed the next stage is large 
cavities. In these the blades are covered by single big bubbles with clear smooth 
surfaces. In the most stable structure there are alternate bigger and smaller large 
cavities at the rear of successive blades. At high impeller speeds and high gas rates 
there is a point beyond which the three large cavities grow further until they envelop 
the three successive blades, a configuration called ‘bridging cavities’. Fig. 2.3 
illustrates the different stages.
The final stage of ragged cavities is 
reached when the impeller is flooded by an 
excess of gas. Ragged cavities are all 
irregular and fluctuate in size with unsettled 
surfaces and undefined shape as a result of 
vibrations (WARMOESKERKEN, 1986).
The reason for this symmetry is unclear 
but may be a result of uneven gas distribution from the sparger (WARMOESKERKEN and 
SMITH, 1985). It was found that conditions controlling the cavity formation are a weak
Figure 2.3: 3 clinging and 3 large cavities, 
from WARMOESKERKEN (1986)
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function of bottom shape, impeller height, presence of obstructions in the impeller 
outflow, and coalescence properties. The transition at which large cavities just form 
can be summarised in Eq. 2.2 (W a r m o e s k e r k e n and Smith, 1985):
FL >3.8-10 - 3
/ R e2%0 067
Fr
(2.2)
Inserting the dimensionless groups this equation boils down to a 0.2 power 
dependency on the overall diameter of the impeller D.
2.2 Power Draw
2.2.1 Cold Ungassed
A  ‘standard’ stirred tank equipped with a Rushton turbine 
is depicted in Fig. 2.4. One of the most important design 
parameters in mixing is the power input of the impeller into 
the fluid. The dimensionless numbers in mixing are 
developed by the effect of operational parameters on power 
draw. Using constant geometrical ratios, the power draw 
depends on following independent geometrical variables 
and substance properties:
rotation speed of impeller n [s’1]
diameter of impeller D [m]
liquid density P [kg m'3]
dynamic viscosity of liquid [Pa s]
gas flow rate Q, [m3 s’1]
gas density Pg [kgm-3]
dynamic viscosity of gas Tig [Pa s]
surface tension a [kg s’2]
(acceleration due to) gravity g [m s'2]
Figure 2.4 Agitated vessel
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The dependence of the power draw on these parameters is usually discussed using 
the Power Number Po. The Power Number group is a direct analogue to the drag 
coefficient that characterises the resistance experienced by an object of given shape as 
it moves through a fluid. The Power Number is one of the most important numbers in 
mixing. Assuming densities and viscosities are constant it can be described by the 
relation
In single-phase systems the Froude Number is important only in situations where 
major vortexing exists and this can be neglected if the Reynolds Number is less than a 
certain value, depending on the geometry of the system. In addition these effects, 
including gas draw-down from the surface, can be reduced by the use of baffles or off- 
centre stirring. Below a critical Reynolds or Froude Number respectively, the power 
draw is
which has been determined for a variety of impellers and other mixing devices. It is a 
dimensionless expression of the power needed to maintain the rotation of an agitator.
Its physical significance is the ratio of power input per revolution into the fluid to 
the energy introduced into the fluid as kinetic energy:
The first part represents the power input per revolution and the second the kinetic 
energy of a characteristic volume in the outlet streams.
Fig. 2.5 shows typical power curves for a Rushton impeller. The RPD data in this 
figure are plotted in a logarithmic way versus the logarithm of the liquid side Reynolds 
Number. The lower Reynolds Number region, where the Power Number decreases 
with the reciprocal of the Reynolds Number, is that of laminar flows past boundaries. 
This laminar region can be seen as a viscosity controlled system.
Po = f (Qg, Fr, Re).
For the power draw in homogeneous liquids the relation is as follows
Po = f (Fr, Re).
Po = f (Re)
o c ------
p
n p-d3(n-d)2 p-n3-d5
OC
p
(2.3)
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The transitional zone
describes the area between
laminar and turbulent region 
where neither of these flow 
regimes apply. Here the Power 
Number goes through a
minimum until it later stabilises 
in the turbulent regime. In 
contrast to the prevailing
viscosity effects in the laminar 
region the turbulent flow is 
controlled by inertial forces, at a constant Power Number.
In a stirred tank the above phenomena only apply up to a certain impeller speed. 
Beyond this point gas entrainment from the surface alters the power draw as the gas 
loading can reduce the power demand of an impeller. This will be discussed in detail in 
the following sections.
log (Reynolds Number)
Figure 2.5: Power number as a function of the 
Reynolds number for a Rushton turbine
2.2.2 Cold Gassed
With sparged gas the power demand of an impeller decreases as the presence of 
cavities modifies the liquid pumping action. In order to quantify this effect the Relative 
Power Demand (RPD), i.e. the ratio of gassed to ungassed power demand, is usually 
used:
RPD = ^  (2.4)
Pr u
Correlations of the type
Q„
RPD oc - Z L -  (2.5)
N - D 3
have been suggested by many authors (e.g. CALDERBANK, 1958). The constants were 
tabulated by SlDEMAN and BARSKY (1965). More recent overviews about the gas-
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liquid performance of sparged mechanically agitated reactors are given by M iddleton 
(1992) and TATTERSON (1992).
Some indicate that the correlations of this type are suitable for constant Q g only. 
As mentioned above, with sparged gas the relative power demand is often shown as a 
function of the Gas Flow Number, Q g/ND3. In contrast to the Flow Number, which is a 
function of the impeller liquid outflow, the Gas Flow Number is related to the sparged 
gas rate. It is often used to discuss dependence on the gas flow instead of the gas flow 
rate itself. Sometimes it is also called the ‘normalised flow rate’ or Aeration Number.
The form of the RPD/Flow 
Number curves for a gassed Rushton 
Turbine is shown qualitatively in 
Fig. 2.6. Detailed information is 
given by WARMOESKERKEN and 
Smith (1982). Here it is shown that 
the Gas Flow Number is not of itself 
sufficient to fully characterise the 
changes in power draw. The two 
lines show the RPD at constant 
rotation speed and constant volumetric gas rate respectively.
Although there are considerable data on the Relative Power Demand, most have 
been obtained by maintaining constant impeller speeds and varying the gas rate. It is 
more instructive for comparisons between boiling and gassed conditions to be based on 
measurements at constant gas sparging rates. In order to avoid a possible influence of 
the immersion heaters, or any other aspect of the geometry, gassed RPD data for 
comparison have been measured by Smith (1983) using constant gas rates while 
altering impeller speed. Fig. 2.6 presents the data in the conventional way, with RPD 
plotted against the Gas Flow Number.
The flooding behaviour of impellers combines two relationships that apply to this 
geometry in which D/T = 0.4 (Ni e n o w et ah, 1985; W a r m o e s k e r k e n and Smith, 
1982):
RPDlira = 0.25 -Fr“0'3 (2.6)
Figure 2.6: Power curves for Rushton turbines
Data from Smith and M illington (1995) give for a ‘standard’ six blade Rushton 
turbine working in the large cavity regime (Flg> 0.3) for the RPD in vessels between 
30 cm and 1.25 m  in diameter:
RPD = 0.18 • Fr"°-25 • Fl -°-20 (2.7)
For the relationship at the flooding point between the Gas Flow and the Froude 
Number a linear relationship for a six-blade Rushton turbine was suggested by 
W a r m o e s k e r k e n and SMITH (1982):
Fl = 1.2 • Fr (2.8)
In a later work Sensel et al. (1992) have shown that this relationship breaks down 
at Gas Flow Numbers above 0.2 where they found the constant to increase 
considerably with increasing Froude Number. This was the case for both the six-blade 
Rushton turbine and the hollow-blade CD-6 impeller.
The same applies to the relationship suggested by NlENOW et al. (1977) which 
proposed a linear interaction between the Gas Flow Number and the product impeller 
speed and diameter for the locus of the flooding line:
Fl = a • N  • D  (2.9)
At N D  values above 0.46 m/s this linear relationship no longer holds as also shown
in the work from Sensel et al. (1978). In this case the proportionality factor again
increases towards higher N D  values.
From the literature it is known that when there is significant gas flow through the 
impeller zone of an agitated vessel, the influence of surface gas entrainment is 
relatively unimportant. This has been shown by N i e n o w et al. (1979) and 
MATSUMURA et al. (1978). Hence there is no effect from drawdown at the higher 
speeds used in some sparged experiments.
This will therefore only be important at boiling conditions when the agitated 
system is hot and gas drawn down from the surface can provide nucleation sites for 
evaporation.
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2.2.3 Boiling
Analogous to the Cavitation Number introduced above a Cavagitation Number CAgN 
(Cavitation Agitation Number) can be used to characterise the probability of cavitation 
occurring behind the impeller blades. It is calculated as follows:
It also represents a ratio of static (submergence S) to dynamic pressure. The 
higher the static pressure in terms of liquid head the less likely is the initiation of 
cavitation. The impeller speed has an opposite effect. The higher the blade velocity the 
lower is the pressure in its wake and the more likely cavitation is to occur.
The static pressure obviously does not fully describe the complex pressure 
distribution around impeller blades nor does it consider the effect of gas in the density 
term nor does the CAgN provide a rigorous basis for the local pressure calculation, but 
it has proved adequate in describing cavitation in the impeller region (Smith and 
K atsanevakis, 1994).
The Cavagitation Number can be expressed in terms of the Froude Number as 
follows
which shows that the Froude Number is proportional to the reciprocal of the 
Cavagitation Number with the proportionality factor depending on the geometrical 
ratio between submergence S and impeller diameter D.
The power draw in hot ungassed agitated vessels is mainly determined by the 
degree of cavity development. The power demand of an impeller decreases as the 
presence of cavities modifies the liquid pumping action, the local process fluid mixture 
density, the pressure differential generated over the impeller, and the balance between 
directed and turbulent kinetic energy in the outflow.
The relationship between Cavagitation Number and Relative Power Draw has been 
expressed by SMITH and KATSANEVAKIS (1993) as follows:
(2.10)
(2.11)
(2.12)
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In this expression PB and Pu represent the power draw under boiling and single­
phase conditions respectively, S is the submergence which determines the static 
pressure at impeller level, and vtip is the tip speed of the impeller. The Relative Power 
Draw is again defined as the ratio between the Power Number N p and the ungassed 
cold Power Number Pu. The equation constant A  depends on the impeller type (they 
also give a list) but the constant B is reported to be close to 0.4, independent of the 
impeller type.
The phenomenon of cold gassed RPD values greater than 1 (log RPD > 0) in the 
region of very slight aeration has been observed by many authors, but is of no great 
significance.
The constant A  in Eq. 2.10 determines the position on the y-axis whereas B 
determines the slope of the linear relationship in logarithmic presentation. The 
application range of this relationship is restricted to cavitation influenced conditions 
when the RPD is predicted to be less than 1.
The relationship provides a simple and adequate basis for the design of agitated 
boiling systems. The important aspect is that it is independent of the size of the 
impeller but most significantly of the rate or location of vapour generation. Impellers 
continue to draw power, and presumably operate effectively, at vapour volumetric 
generation rates in excess of those for which sparged gas would be expected to swamp 
the pumping action.
Smith and K atsanevakis (1993) concluded that their results imply that in 
multiphase flows there are likely to be large differences between Drag Coefficients for 
bodies in boiling systems and in gas-liquid mixtures of similar void fraction. This 
probably also applies to conventional two phase systems like pipelines etc.
Reasons for the differences between boiling and cold gassed systems
Cavitation and boiling from a liquid phase occur under conditions which are 
significantly different from those that develop with sparged gases.
Gas is usually introduced at defined locations whereas boiling may be localised at 
heated surfaces or distributed throughout much of the liquid bulk. Vapour generation
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can initiate explosively from liquid that is superheated. Such a superheated layer is 
formed around the heater rods and depends on the power output of the heaters.
Where the vaporisation occurs has important effects on the operation of a reactor. 
The circulation of small bubbles may allow boiling throughout the liquid but is yet to 
be confirmed. It is rather more likely that a certain maldistribution of vapour in the 
liquid bulk occurs. Much of the vapour will be generated in the low pressure regions, 
for example behind radial impeller blades or behind other flow resistances like baffles. 
Alternatively, the influence of the static pressure may be dominant and lead to a 
majority of the void fraction being located near the liquid surface.
The major difference between a gas and a vapour bubble is the tendency to change 
in size. Whereas for a gas bubble, with a small solubility in the liquid phase, the size is 
rather fixed a vapour bubble can undergo a rapid change in volume. Small changes in 
local pressure or temperature will lead to evaporation or condensation with almost 
instantaneous expansion or collapse. For low temperature cavitation the dynamics of 
cavity collapse are described e.g. by HAMMIT (1980). They are often controlled as 
much by inertial effects as by heat transfer.
The vapour in the steady state cavities behind the impeller blades in a boiling liquid 
will be at a pressure corresponding to the temperature of the liquid at the cavity 
surface, with presumably negligible heat transfer resistance between the phases. It 
seems reasonable to state that the large differences that can be found between gassed 
and boiling systems will not be very sensitive to the thermal properties of the liquid. It 
is therefore suggested that similar results can be expected in other systems.
For example SMITH and T a r r y  (1994) have investigated the influence of the 
vapour pressure/temperature relationship by carrying out their experiments in solutions 
of varying salt concentrations.
The influence of the liquid viscosity is insignificant as long as the mixing operation 
is carried out in the turbulent regime. Also the density cancels out so it is probably not 
relevant either.
As far as the difference in liquid density as well as viscosity between cold and 
boiling conditions is concerned this can be neglected since it does not affect the 
behaviour of bubbles dispersed in a liquid to an extent which would justify a separate 
discussion of its influence.
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2.2.4 Hot Gassed
As described above, mechanical agitation of boiling liquids is controlled by cavitation 
rather than the mechanisms of gas dispersion. Sparging gas into a boiling liquid leads 
to a reduced temperature and results into relative power demand characteristics which 
are very similar to gassed/flooding conditions and are called incipient-flooding in 
Smith and M illington (1995). Smith and K atsanevakis (1993) have shown that 
the relative power demand is higher than would be associated with cold gas sparging at 
a similar volumetric flow rate. The gas sparging conditions are different from those of 
boiling and have very different power demand characteristics.
Power Draw experiments reported by SMITH and MILLINGTON (1995) were carried 
out by varying the impeller speed while maintaining constant gas injection and heating 
rates. An adjustment period allowed the system to stabilise after the gas rate was 
altered (the phenomenon of temperature change when changing the gas rate will be 
discussed in detail later). Fig. 2.7 shows the experimental results. In addition, the 
“boiling line” for power draw in ungassed boiling systems and the flooding line for cold 
sparged systems are presented. Most of the results fall between the pool boiling 
cavitation and gas flooding lines (see Eq. 2.7), with higher gas supply rates 
corresponding to lower values of RPD. It can be seen from Fig. 2.7 that within the 
accuracy of the measurements the relative power demand of a sparged “boiling” 
system is independent of the impeller speed until it approaches the conditions present 
along the flooding line 
where all the data 
accumulate.
The case of values left 
of the power draw for the 
unsparged boiling systems 
is a result of the fact that 
CAgN is not a true 
Cavitation Number and 
does not represent the 
difference between local 
and vapour pressure.
Figure 2.7: Power Demand when sparging air into hot water 
(Smith and M illington, 1995)
Hence the drop in temperature and decrease of the vapour pressure when sparging gas 
into hot liquid is not accounted for. Even a small reduction in the liquid temperature 
results in a large drop in vapour pressure and affects the cavitation behaviour 
significantly. For example the vapour pressure of water falls from 1000 mbar at 100 °C 
to 900 mbar at about 97 °C and 800 mbar at 94 °C.
When an inert gas is sparged into a boiling liquid there is a change in the 
thermodynamic equilibrium. Since the bubbles consist of a mixture of vapour and inert 
gas, the partial vapour pressure of the condensable components is less than the total 
pressure at which the liquid was previously boiling. The liquid is therefore superheated 
relative to the mixed gas phase and there will be an immediate increase in the 
evaporation rate as latent heat removes excess energy. The liquid temperature will fall 
from the initial temperature T0 until the rates of energy supply and removal are in 
balance. If there are constant net heat input and gas flow rates, a steady equilibrium 
temperature Ti will be established for the system. This is an asymptotic process and 
sufficient time has to be allowed to establish equilibrium conditions. It will be 
investigated in Chapter 4.2 with respect to the mass transfer of water into the gas 
phase.
Some heat will be lost from the system by normal heat transfer processes and also 
in generating vapour from the free liquid surface. The heat used to evaporate liquid 
into the gas bubbles will be referred to as the net heat supply. The partial vapour 
pressure of the vapour from the bulk of the liquid component in the bubbles will be:
v(T,V W  / A H
P v = P o   "  (2-13)
Fo Q e+v(T,) W / A H v
with v as molar volume (function of T), W  as net heat input, Q g as gas rate and A H V as 
latent heat. This partial vapour pressure would be in equilibrium with bulk liquid at the 
temperature T* below the original boiling point with a temperature of To. In order to 
calculate T; a heat balance has to be carried out using the relationship for the 
saturation pressure of the vapour
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pv = A-exp
v T .y
(2.14)
For water the constants are 7,34.10s mbar for A  and -5038.9 IC for B.
It follows for change in the liquid temperature from To to Tj needed to reach 
equilibrium:
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A T  =  T 0 -  Tj = Po
dpv / dT 1 + V(T ). W
(2.15)
Q„ - AH,
Combining Eq. 2.14 and 2.15, and treating the gas as being ideal with respect to the 
molar volume, delivers:
A T  = Po
1
-A-B
' exP Tv i y
1 + R -T. W
(2.16)
Po Q'A H v
For the particular case of air blown into boiling water at atmospheric pressure the 
latent heat of water can be approximated as being temperature independent and has the 
value A H V ~ 41 kJ/mol. It
is certainly more correct to 
develop the relationship as 
done above rather than 
applying a constant term 
for the vapour pressure 
gradient and the molar 
volume as in Smith
(1994). Eq. 2.13 can be 
solved by an iterative 
process and Fig. 2.8 shows
gas flow rate / (l/min)
Figure 2.8: Temperature drop versus the gas flow rate
curves of AT versus Q g for three different heat inputs. This is quite different from the 
relationship in SMITH (1994) because the dependence of the pressure gradient on 
temperature is dramatic and can by no mean^ieglected. For example at a temperature 
drop of 20 K  the gradient has dropped from 3600 to about 1800 Pa/K.
Consequently, knowing the equilibrium temperature from the experiment, the net 
heat input and hence the actual volumetric gas phase loading (combined sparged gas 
and generated vapour) that the impeller must handle can be estimated:
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In any system with known vapour pressure/temperature characteristics such as the 
air/water system this result can be straightforwardly converted into a multiplication 
factor to be applied to the air supply rate in order to accommodate the increase in 
volume due to the generated vapour. This can be directly assessed in terms of a 
temperature drop produced by sparging. The calculated correction factors as a 
function of the observed temperature drop from Eq. 2.15 are given in Fig. 2.9. This 
overall gas flow leads to a combined Gas and Vapour Flow Number:
H s+. -
Q e + Q,
N D ’
(2. IB)
It provides the basis for the presentation of data when gas is injected into a hot 
liquid. Here again the
impeller speed has a 
much smaller influence 
on the RPD values than 
the amount of sparged 
gas the impeller has to 
deal with.
The relatively small 
vertical spread of the 
RPD if plotted over the 
combined Gas Flow 
Number suggests that
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Figure 2.9: Multiplication factor for combined gas flow as a 
function of the temperature drop for the system air/water at 1 atm
plotting RPD against the combined gas rate itself might be successful. This is shown in 
Fig. 2.10. This figure includes data for gas injected into a) cold liquid, b) heated 
sparged liquid near equilibrium temperature, c) boiling liquid which has not been 
allowed time to cool to the equilibrium temperature and d) liquid boiling with a much 
reduced heat input, (1.2 k W  instead of 3.6 kW). Results for conditions well above the 
flooding correlation have been ignored.
SMITH (1994) suggested that all data lie reasonably near a single correlating line. 
But a more detailed approach seems to be justified. In a later work Smith (1995) 
suggested two correlating lines. Basically the dominating regimes of boiling data at 
equilibrium and cold gas sparging must be distinguished.
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The non-equilibrium hot sparging data overlap with either of the two and represent 
a form of transition zone. This leads to following relationship:
RPD = 0.17 (Qg + Q ») 
D 5-g
2 %-0.17
(2.19)
In conclusion, the Power Draw in boiling systems has been reasonably coupled 
with those in conventional gas sparged reactors at low temperatures with the 
correlations from SMITH 
(1994 and 1995) and 
Smith and M illington
(1995). In hot sparged 
systems, evaporation into 
the sparged gas from the 
liquid will continue until 
the partial vapour pressure 
of the evaporated 
component reaches that 
appropriate to the liquid 
temperature. With
knowledge of the physical
piopeities of the system Figure 2.10: Relative Power Demand for hot and cold sparging 
and the operating
temperature in the reactor the combined gas and vapour flow can be estimated. Further 
vapour generation from additional heat transfer or an exothermic operation is not 
expected to affect the power draw if inert gas is present.
The justification of the suggested relationship and use in a wider context requires 
further investigation. However, this is one of the objectives of the present work which 
compares various gas rates and heat inputs for the standard range of impellers such as 
Rushton, pitched blade, concave/convex and hydrofoil types.
These will be investigated in with respect to their power draw behaviour in cold, 
cold gassed, hot gassed and boiling conditions.
sparging
QOT /  (litre/sec) 
□  co ld  O +  equ ilib rium
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2.3 The Mixing Rig
Fig. 2.11 shows a flow diagram of the mixing equipment used in the present work. The 
mixing vessel is provided with a ring sparger. To maintain operating conditions at high 
temperature the vessel has been designed with three 
heaters which protrude into the vessel from the 
bottom.
Above the vessel there is a condenser. The 
condensate is returned through a graduated tube 
which can be used to check the vapour rate 
(condensate per unit time). The vent-line has a dead 
weight pressure relief valve limiting the reactor 
pressure to a maximum of 0.2 bar.
The inlet gas flow rate is measured by a 
rotameter and controlled by a needle valve.
The temperature in the stirred tank reactor is 
measured by means of a high accuracy Pt 100 
thermometer.
Details of the various components mentioned will 
be given in the following chapters.
air supply
Figure 2.11: Schematical 
drawing of mixing rig
2.3.1 Stirred Tank Reactor
The vessel consists of a section of a conventional cylindrical glass pipe of 440 m m  ID 
and 500 m m  in length. It is provided with 4 vertical baffles (width 35 mm) to restrict 
tangential flow. The dished bottom as well as the top plate is made of stainless steel. It 
is provided with an outlet, inlets for heaters, sparger, temperature measurement and a 
mount for the lower agitator shaft bearing (Fig. 2.12).
The loosely fitting PTFE bearing at the bottom ensures a centred positioning of the 
shaft without influencing the torque measurement. This has been verified by operating
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the impeller in an empty vessel. Within the resolution of the present equipment no 
significant torque could be measured.
baffle amongeiinenlt
Figure 2.12: Mixing vessel
The vessel has 3 stainless steel finger heaters mounted vertically through the base. The 
heaters used for the experiments have an output of 2.7 k W  each. The position of the 
heaters is shown in Fig. 2.13.
Figure 2.13: Arrangement of the heaters in the mixing vessel
The tank was originally designed with a mechanical seal closing the shaft to vessel gap 
so that in principle other operating pressure ranges or sparge gases could be studied. It 
was decided that this was not necessary so a new sealing for the top lid was designed 
(see Fig. 2.14) to provide a loose fit in order not to influence the torque measurement.
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If it should later be desirable to seal it 
closer for further measurements, e.g. with 
underpressure, it could act as housing for an 
inner tight-fitting ring mounted between the 
outer ring and the PTFE inlet. Since such a 
change would require a torque correction all 
of the experiments were carried out with the
Figure 2.14: Vessel sealing
loose-fit seal. The existing arrangement 
provides a clearance gap of about 1 m m  around the shaft.
2.3.2 Torque and Speed Measurement
The torque measurements were carried out with a Vibrometer TE 106/M4 torque 
measuring system with a combined error of +/- 0.1% f.s.d. ranging from 1 to 20 Nm.
The analogue output was recorded digitally onto a computer for a period of 2 min 
at a frequency of 20 Hz to determine the torque. The Volt meter readings have the 
advantage of allowing a higher resolution, up to three decimal places, together with a 
time averaging function that increases both the precision and the accuracy of the 
measurements.
read out multi meter / V
Figure 2.15: Calibration curve of the torque measurement
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The latter is necessary because there is some oscillation in the torque meter 
readout as a result of mechanical instabilities of the assembly of motor, torque meter 
and shaft.
A  new calibration of the torque measuring system was carried out using a static 
technique through calibrated masses. The masses were attached to a rope and the force 
applied to the torque meter by means of a low friction roll. During the calibration the 
digital value was also recorded as a cross check on the analogue output reading. The 
calibration curve is shown in Fig. 2.15. The rotational speed of the shaft was measured 
within +/- 1 rpm with a PDC 753 M 9  F/A Frequency/Analogue converter with quartz 
stabilised time base.
2.3.3 Temperature Measurement
The temperature of the bulk liquid in the mixing vessel is measured. A  Pt 100 
thermometer with an accuracy of +/- 0.025 K  was used. The measuring tip of the 
thermometer is located approximately 23 cm below the free surface and 25 cm from 
the shaft.
2.3.4 Flow Measurement
The sparge flows were all measured with rotameters. All rotameters in the present 
work were calibrated using bubble flow meters.
The correction for pressure and temperature to standard conditions for air flow 
was calculated as follows (PERRY, 1988):
(2.20)
where index 1 stands for measuring and 2 for standard conditions.
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2.3.5 Impellers
Except the Rushton turbine all the impellers used in the experiments described in 
Chapter 2 have been made available by Chemineer Inc. Their behaviour in hot sparged 
stirred tanks was investigated and compared with that in other conditions. For reasons 
of confidentiality the exact geometry of some of these impellers is not reported here.
Rushton impeller
For all experiments in the present work, except those in Chapter 2.4, a 6-blade 
Rushton impeller of 180 m m  diameter was used. The dimensions are given in Fig. 2.16. 
In the following it will be referred to as impeller RT.
0 180
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Figure 2.16: Rushton impeller design
Pitched-blade impeller
One impeller was of the 4-blade pitched blade type (Fig. 2.17). In the following this is 
referred to as impeller PBT-4. Its diameter was 180 mm.
Figure 2.17: Pitched-blade impeller
Hollow-blade impellers
Two hollow-blade impellers were investigated (Fig. 2.18). The first one is a standard 
CD-6 (six blades) and has a diameter of 176 mm. The other impeller is a CD-6 with 
modified blade shape with 185 m m  outer diameter and will in the following be referred 
to as impeller CD-6m. Fig. 2.18 shows a sketch of the general shape of the modified 
impeller as well as the geometry of the standard CD-6.
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CD-6 schematic of modified version
%  
Figure 2.19: Hollow-blade CD-6 impellers
Hydrofoil impellers
The hydrofoil impellers investigated were a HE3 (narrow blade) and Prochem wide 
blade types. Its outer diameters were 176 m m  and 180 m m  respectively.
2.4 Experimental Results
2.4.1 Cold Ungassed
As the basis for further investigations and to check reproducibility of earlier 
measurements, experiments were carried out in a cold ungassed system. The ungassed 
power number was determined for all impellers. Tab. 2.1 summarises the values.
Table 2.1: Power Numbers for the various impeller types
RT PBT-4 CD-6 CD-6
operation mode - down concave convex
Power Number 5.36 1.12 2.83 3.62
CD-6-m CD-6-m Prochem Prochem HE3
operation mode concave convex down up down
Power Number 2.15 3.29 0.66 0.63 0.27
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The Power Numbers were also determined for higher temperatures up to 95 °C at 
impeller speeds below those leading to the initiation of cavitation. They were found to 
be the same as the cold values. This is important because this means that the cold 
Power Number will be also used for the hot sparged experiments as the basis for the 
calculation of the Relative Power Demand.
As a check of whether the torque readings are independent of the direction of 
rotation the Rushton turbine was operated clockwise and anti-clockwise. The apparent 
difference in Power Number was found to be within 3 %.
These single-phase results are restricted by the need to avoid surface gas 
entrainment. For example the impeller speed when gas surface entrainment first occurs 
in the equipment used in the present work was found to be 300 rev/min for the
180 m m  six-blade Rushton turbine at a submergence of 300 mm. This can be clearly
seen from Fig. Al.l. All data below this range are considered and averaged to
determine the ungassed cold power number for the 180 m m  Rushton impeller used. 
Similarly, this was observed for the other impellers and the range for the determination 
of the cold ungassed Power Number chosen accordingly.
2.4.2 Boiling
Fig. 2.19 illustrates hot ungassed measurements with the equipment described above. 
The Relative Power Demand is plotted against the reciprocal of the Cavagitation 
Number (as this is 
proportional to the Froude 
Number) for temperatures 
between 96 and 100.5 °C.
As expected the Power 
Draw decreases with 
increasing 1/CAgN. There 
is a clear distinction 
between nearly boiling and 
boiling conditions.
Whereas the nearly boiling
A i A  * *
•
« ** 0 •
«
* A
* ♦</ a i  A“ aA ^ A■ * A
tk
*
0 * A .O 97-99 C 
a 96-99 C
* 97-99 C
* 100.5 C
0.0 0.5 1.0 1.5 2.0 2.5 3.0 3.5 4.0
1 /CAgN
Figure 2.19: RPD of the 180 Rushton turbine versus 1/CAgN 
for temperatures between 96 and 100.5 °C
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data below 100 °C show a detectable but relatively small reduction in power draw, at 
the higher temperature of boiling conditions the drop in power draw is spectacular.
Table 2.2: Coefficients for Eq. 2.12 (own data / S M IT H  and K A T S A N E V A K IS , 1993)
RT PBT-4 CD-6 CD-6
mode - down concave convex
B 0.4/0.4 0.4/0.4 0.2/0.4 0.4/0.4
A 0.77 / 0.7 0.71/1.05 1.17/1.14 0.71/0.65
CD-6-m CD-6-m Prochem Prochem HE3
mode concave convex down reverse down
B 0.2 0.4 0.4 0 0.4
A 1.17 0.71 1.16 0.79 0.71
The relationship between the RPD and Cavagitation Number at boiling conditions was 
investigated for the variety of impellers (Fig. 2.20 and Tab. A2.1). Their coefficients 
following Eq. 2.12 were determined and compared with literature in Tab. 2.2.
The data for the coefficient B (slope), giving an indication of the development of 
cavities, are within the suggested 0.4 relationship for the RT, PBT-4 pumping down, 
CD-6 convex, the modified CD-6, the HE3 and the Prochem pumping down. For the 
two concave impellers CD-6 and its modified version B was found to be about 0.2. For 
the CD-6 this is in contradiction to the data from S m i t h  and K a t s a n e v a k i s  (1993)
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Figure 2.20: log RPD versus log CAgN for various impellers at boiling conditions
who found a value of about 0.4. Most remarkably the Prochem, being mounted as if 
pumping down but operated reversely, shows no indication of cavitation, with the RPD 
essentially independent of CAgN.
The coefficient A, as an indication for the RPD level, is in good agreement with 
the literature values as far as they are available. The B value for the PBT-4 is different 
probably because Katsanevakis (1994) used a wide instead of the narrow-blade 
PBT-4 impeller of the present work. The slope is identical but a lower level of the 
RPD values was observed due to a smaller gas-handling capacity of the narrow blades.
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2.4.3 Hot Gassed
For the same range as the impellers investigated above values for the Relative Power 
Demand were measured in cold and hot gassed conditions. Experiments were carried 
out by maintaining a certain operating condition with constant combined gas flow rate 
and varying the impeller speed from 200 to 500 rev/min. The data are presented by 
plotting the RPD versus the combined gas flow number Q g+V logarithmically. Fig. 2.21 
as an example shows the data for the convex driven CD-6 impellers. The others can be 
found in Fig. A2.1 - A2.3 in the Appendix. All the data are given in the Appendix 
Tables A2.2-2.14.
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Figure 2.21: RPD versus combined gas flow number for the convex driven CD-6 impellers
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In any case the RPD values show a vertical series for every value of Q g+V because 
of the variation of the impeller speed.
Comparing the cold and hot data the main conclusion is that the hot gassed 
condition can essentially be treated as the cold gassed one because the data show a 
consistent overlap. There do not seem to be any significant differences between the 
Relative Power Demand of a sparged STR operated with pure gas and a gas-vapour 
mixture. The overall flow rates can be compared directly.
2.5 Conclusions
The power draw of different impeller types in an STR operated in cold, cold gassed, 
boiling, and hot gassed conditions was investigated by varying the impeller speed 
between 200 and 500 rev/min. The impellers can be classified into four groups, a six- 
blade Rushton turbine, one standard and one modified hollow-blade CD-6 impeller, 
two hydrofoil types namely HE3 and Prochem, and a 4-blade pitched blade type with 
narrow blades. Their Power Numbers can be found in Tab. 2.1 and are in agreement 
with the literature.
For power draw experiments in a boiling STR the Relative Power Demand can be 
expressed as a function of the reciprocal of the Cavagitation Number (Eq. 2.10). The 
coefficients for the slope B from Eq. 2.12, giving an indication for the cavitation 
behaviour of an impeller, were found to be 0.4 for the Rushton turbine, the pitched 
blade impeller, the convex driven CD-6 impellers, and the Prochem hydrofoil. As an 
exception the concave driven CD-6 impellers gave a value for B of 0.2 and the 
Prochem pumping upwards was found to have no drop in Relative Power Demand 
with increasing impeller speed.
In addition hot and cold gassed RPD values were measured for the range of 
impellers. For all types the hot and cold data showed no significant difference when 
plotting the RPD against combined gas flow number. This suggests that the hot gassed 
conditions can be correlated with the well-known relationships for the cold gassed 
operation of STRs.
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3  S i n g l e  B u b b l e  M a s s  T r a n s f e r
3.1 Introduction
It is instructive to study mass transfer with single bubbles to understand the behaviour 
of complex gas-liquid contacting apparatus where bubbles occur. Chapter 3.1 includes 
an introductory discussion about fluid flow: mass transfer in general, around fluid 
spheres in particular, and a description of the subject to be looked at more closely in 
the ensuing theoretical and experimental investigations.
Chapter 3.2 contains an estimation of gas side mass transfer coefficients on the 
basis of various models using different assumptions.
Chapter 3.3 provides a theoretical investigation of the effect of the backflow on 
mass transfer coefficients occurring in boiling reactors.
The last is followed by an account of the experimental investigation
3.1.1 Fluid Mechanics
This chapter provides the basic information on the 
motion of a spherical bubble. This motion directly 
affects mass transfer to or from a single rising bubble.
The flow field surrounding a bubble (and in the 
bubble itself) as it rises steadily in an infinite medium 
will be considered. In the following the situation will 
be described qualitatively. No theoretical analysis of 
the flow field will be made since this is not an issue of 
the present work.
During the upward motion of the bubble a certain 
flow field is developed due to buoyancy, not only in 
the surroundings but also within the bubble. The
Figure 3.1: Streamlines in 
and around a bubble
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general character of this flow is illustrated in Fig. 3.1.
The inner vortex of the bubble is maintained by energy transfer through the 
dynamic interface. This is an important feature in terms of the flow resistance. The 
viscosity of the gas is such that the streamline internal flow generated by the moving 
boundary is stable.
In the following the effect of the temperature on the sphericity of bubbles will be 
discussed for ambient and boiling conditions. This will establish a yardstick for the 
different behaviour of bubbles in the conditions to be compared and furthermore 
provide the basis for the experimental investigation of single bubbles in Chapter 3.5.
The ranges of bubble 
diameters and external
Reynolds Numbers for
sphericity are illustrated in 
maps for example like the one 
given by Janssen and 
W a r m o e s k e r k e n (1987), see 
Fig. 3.2. The gas-liquid system 
is characterised by the use of a 
Morton Number M o
4
M o  = 4 - V A p  (3.i)
P i  C
with g as acceleration due to 
gravity, 1+ as liquid viscosity, pi liquid density, a the surface tension, and Ap as the 
density difference between the phases. Tab. 3.1 summarises the physical properties of 
the phases involved in a water-air system at 20 °C and 100 °C, respectively.
Table 3.1: Physical properties of air and water at 20 and 100 °C
Pi Pg Ai f lg a
kg/m3 kg / m 3 106 Pas 106 Pas N / m
20 °C 998 1.20 1002.6 17.98 72.75
100 °C 960 0.94 283.3 21.6 58.85
Figure 3.2: Bubble map (JANSSEN and 
W a r m o e s k e r k e n, 1987)
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Using the data in Tab. 3.1 Morton Numbers for 20 °C are 2.58U0'11 and 3.23*10'13 for 
100 °C.
Figure 3.2 gives the Eotvos Numbers
which express the ratio between gravity and surface tension forces. For the transition 
from spherical to deformed bubbles Eo for 20 °C is 0.44 giving an equivalent spherical 
diameter of 1.81 m m  and 0.5 for 100 °C which corresponds to a diameter of 1.77 mm, 
showing no significnat difference. Any bubbles below these sizes can be expected to be 
spheroidal. The equivalent external Reynolds Numbers are about 500 for 20 °C and 
1000 for 100 °C. The corresponding lines are indicated in Fig. 3.2.
Spherical Expanding Bubble
There are a couple of aspects which might play an important role if a bubble expands 
very rapidly. The case of an underwater explosion was discussed by BATCHELOR 
(1970) and will be discussed below.
The radial accelerations in an explosion are usually a good deal larger than g, so 
that as a first approximation the effect of gravity may be neglected. Assuming water is 
incompressible, the radial velocity u in the water (assumed to depend only on the 
radius r) is
This then allows estimation of the pressure distribution in the water. As the gas 
bubble expands due to an initial rapid evaporation and sets the surrounding water into 
radial motion, the pressure in the gas decreases. In the final stage of the expansion 
process the bubble may overshoot its equilibrium radius and the gas pressure falls 
below po. This might have implications on the liquid side boundary layer in terms of 
thinning in the expansion and increasing in the contraction phase.
(3.2)
a
r
(3.3)
where R  is the radius of the bubble and R  its time gradient. This is an irrotational 
velocity distribution, for which the velocity potential is
(3.4)
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Furthermore, the flow field around a gas bubble in a hot sparged reactor is still a 
subject to be investigated and therefore the application of common mass transfer 
theories seems to be critical. For example the influence of the thinning of the liquid side 
boundary layer around a quickly expanding bubble could turn out to be more 
significant than the macroscopic flow field around the bubble (Fig. 3.1).
This may possibly result in a dramatically reduced liquid side mass transfer 
resistance and hence shift the significance towards the gas side processes which are 
being made more difficult by evaporation at the interface. An estimation using the 
assumption of a constant volume of the boundary layer around the bubble is made in 
the following.
When a bubble with an initial radius of iq = 1 m m  
is introduced into boiling water at about 1 atm (100 °C) 
it will develop a typical liquid side boundary layer 
thickness of about 100 |im. Hence the boundary will 
extend to its outer radius r2 = 1.1 mm. After the 
complete expansion to its equilibrium radius, according 
to the liquid temperature of 100 °C which results into a 
maximum 35fold increase of the bubble volume, it will 
reach a final radius of r3 = 3.27 mm. The new outer 
boundary, assuming a constant volume of the boundary 
layer can be calculated from
r4 = dJ 1*2 - if + r3 =3.28 m m  (3.5)
and thus the ratio Z between the & 0  and the Aff^boundary layer thickness
z  =  i - r L = 100] im =  10 
r4 - r 3 lOjiim
which also represents, according to the two-film theory on which the boundary 
approach is based anyway, the factor for the increase of the liquid side mass transfer 
coefficient. Hence this estimation indicates that the mass transfer resistance is 
decreased by one order of magnitude. Experimental investigations are described in 
Chapter 3 and 4 in order to provide a measure of this effect.
l iq u id  s ide  
b o u n d a ry  la y e r
Figure 3.3: Thinning of liquid 
side boundary layer
3 S ingle Bubble M ass T ransfer 35
3.1.2 Mass Transfer - Absorption
The objective of the present work is to investigate whether the boil-off from the liquid 
bulk significantly influences the gas side mass transfer and hence the overall 
performance of an STR. W e  shall simplify the problem and look at the absorption 
process with various assumptions like those of a quiescent liquid phase with a plane 
gas-liquid interphase boundary, excluding any convective influence. Such studies are 
important because useful information can be obtained for the absorption and the 
reaction in gas-liquid contacting apparatus. The process is too complex to be described 
fully at present.
In the field of gas-liquid mass transfer there are several useful textbooks available 
(amongst others: W esterterp et al., 1993; C ou l s o n and R i c har ds on, 1988; 
Sh e r w o o d  et al., 1975; B ennett and M yers, 1974; Levenspiel, 1972; 
D a n c k w e r t s, 1970; A starita, 1967; B ird et al., 1960) which give an overview of 
the basics of absorption and their application in various industrial processes. More 
information related STRs can be found in books dealing with mixing or gas-liquid 
contacting systems (De c k w e r , 1992; M iddleton, 1992; T atter so n, 1991; C lift et 
al., 1978; U hl and GRAY, 1966).
Gas-liquid reactions can only take place if one of the reacting species is 
transported across the interface. Usually the gas which is soluble in the liquid phase is 
absorbed by the latter. In each phase three major mechanisms are involved:
1) Molecular diffusion, which results from the thermal motion of molecules, limited 
by collision between molecules.
2) Convection, or bulk flow, which occurs under a pressure gradient or other 
imposed external force.
3) Turbulent Mixing, where the motion, macroscopic packets of fluid, or eddies, is 
controlled by inertial forces.
In a typical stirred vessel large-scale convective flows are set up in the liquid by the 
agitator. If the agitation is intense enough, turbulent eddies are generated in the flow 
and will result in macroscopic mixing between material in different streamlines of the 
convective flow because they are following different average convective flow paths. 
Molecular diffusion will smooth out concentration differences over short distances and
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times on the microscale and determine the mass transfer especially close to inteiphase 
boundaries. Because of its major significance for mass transfer in stirred tank reactors, 
the latter phenomenon will be discussed in the next section.
Absorption processes have been described theoretically by several models. 
Traditional analysis focuses on three main models, the two-film theory by W h i t m a n  
(1923), the penetration theory by H lG B IE  (1935), later extended by D A N C K W E R T S  
(1951) and the film  penetration theoiy by T O O R  and M A R C H E L L O  (1958), Despite 
their early development they still represent the main fundamental approaches. The first 
of these will be discussed in detail whilst a brief description and comparison in terms of 
application range of the other two will be given in the following part.
The two-film theory
A  concept of the process of absorption is the two-film theory introduced by W hitman 
(1923). Here the mass transfer is modelled as if the turbulence dies out at the interface 
and a laminar layer exists on each side of the interface between the two fluids. In this 
laminar layer only molecular diffusion determines the effective thickness of the 
equivalent laminar film and hence the mass transfer process.
Figure 3.4: Concentration profiles for absorption according to the two-film theory
The concentration gradient is linear close to the interface and gradually becomes 
smaller at greater distances as shown in Fig. 3.4. Outside the laminar layer, the bulk 
concentrations of the transferring components are regarded as constant. Due to the 
turbulent flow, concentration differences in the bulk are negligible compared to those
distance normal to phase boundary
in the laminar layer. This leads to a simplified model with a constant concentration 
outside and an linear concentration drop inside the layers (see dotted lines in Fig. 3.4). 
The thicknesses of the two films are Li and L2 and the two phases are assumed to be in 
equilibrium at the interface. This equilibrium determines the concentration gradient in 
the layers, L t and L2 which can be expressed in terms of the diffusion coefficient and a 
known rate of mass transfer through the films. For example for an absorption process 
of a gas B from carrier gas A  into liquid C (no reaction with C but a certain solubility) 
this is
N = -™ 'gas-. y p = DACJiq - Ve (3.7)
T TLa\ La 2
The mass transfer is treated as a steady state process and therefore the theory can 
only be applied if there is enough time allowed to establish the concentration gradients, 
or if the capacity of the films is negligible.
In the case of an absorption into hot liquid the rate of mass transfer through the 
interface is controlled by the concentration gradient immediately adjacent to it, and 
there is no reaction within the film. Thus the two-film model represents a suitable 
approach to predict the mass transfer to the bulk on the basis of a calculated film 
thickness.
When the absorption is accompanied by a fast reaction in the liquid phase the 
liquid side resistance is minimal and the concentration at the gas-liquid boundary can 
be assumed to be zero. Knowing the bulk concentration of B this means that the factor 
DAB.gas/Li in Eq. 3.7 can be calculated characterising the gas side mass transfer 
behaviour of the system. This approach will be applied in the experimental 
investigations of this work
Other Theories and Comparison
In contrast to the two-film theory, where the two phases are stagnant, the other 
approaches consider the effects of fluid dynamics and hence are called turbulence 
theories. The penetration or surface renewal theory of H lG B IE  (1935) assumes the 
liquid surface to be composed of a large number of small elements. Each of these is 
exposed to the gas phase for a constant interval of time hence a fixed time constant is
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applied. DANCICWERTS (1951) extended this theory by introducing the stochastic 
renewal of particles at the interface instead of the constant contact time. The surface
particles are replaced by fresh elements arising from the bulk of the liquid.
T O O R  and M a r c h e l l o  ( 1 9 5 8 )  proposed the film-penetration theory. It is a 
combination of the two-film theory and the penetration theory. It assumes that the 
concentration changes only take place in a layer of finite extension d of the interface. 
The length d is also the thickness of a fluid element.
The way the application range and mass transfer rate of the three theories depends 
on diffusion coefficient D, length 5 and contact time t is shown in Fig. 3.5. The y-axis 
is normalised to the absorption rate according to the two-film theory. The two-film 
theory is applicable in the conditions t»  82/ D  at greater time of exposure.
Thus the mass transfer is determined by n = (cj „ - Cj 0) • (3.8)
The penetration theory is usually considered to be relevant for shorter times of 
52exposure when t cc — .
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Figure 3.5: Mass transfer rate according to the different absorption theories and 
application ranges as a function of contact time t (GRASSMANN and WlDMER, 1974)
The solutions for the mass transfer rates in these conditions together with further 
detailed discussion are given in textbooks ( B i r d  et al, 1960; G R A S S M A N N  and 
W i d m e r , 1974; S h e r w o o d  et al, 1975).
Due to its characteristics the two-film model describes processes occurring on the 
gas side reasonably well. Furthermore the typical value for the parameter of the x-axis
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in Fig. 3.5 lies well above the value of 2 for gas side processes. With a typical diffusion 
coefficient of about 2*1 O'5 m V 1, a boundary layer thickness of 10'5 m  and a residence 
time of a bubble in a reactor of 2 s this value comes to about 600. In other words this 
means that t is much greater than 52/D. The two-film theory will be therefore used in 
the next sections to discuss the main subject of the present work, mass transfer in the 
gas phase.
Molecular Diffusion into Quiescent Liquids without Reaction
In a steady state process of absorption, the rate of material transfer through the gas 
film on the liquid side will be the same as that through the liquid film. As already 
mentioned above the mass transfer through a film may be written as
N « = k g ( P g - P i ) = k i - ( c i - c i) (3-9)
where Pg is the partial pressure in the bulk of the gas, Cl is the concentration in the 
bulk of the liquid, and pi and e, are the concentrations at the interface where 
equilibrium conditions are assumed to exist. Fig. 3.6 shows the concentration profiles 
in an absorption process.
Figure 3.6: Concentration profile for absorption according to the two-film theory
The gas phase equilibrium concentrations can be assumed to follow Henry’s law at low 
liquid concentrations. According to this law the partial pressure of a substance in the 
gas phase is proportional to its liquid concentration multiplied by a factor. This factor
is called Henry constant and is only dependent on temperature and not on 
concentration.
The most commonly used equation for analysis of transport by molecular diffusion 
in a binary mixture is
N A = - D AB-VcA (3,10)
with N a being the molecular flow of component A, D Ab the diffusion coefficient or 
diffusivity for either of the two components in a mixture of A  and B, and VcA as the 
gradient of mole fraction. This relationship is also known as Fick’s law. For one­
dimensional transport Eq. 3.10 simplifies to the following relationship
N a = - D ab- ^ -  (3.11)dx
Here N A is the flux in the direction perpendicular to the interphase boundary plane 
and dcA/dx is the concentration gradient at the point x at a given moment.
In general, the concentration varies with time as well as with position, the partial 
differential equation relating concentration, time, and position considered. Following 
general derivations (see for example B ird et al., 1960) the result for the flux is:
N a =(c *-c o k F 7  (3.12)
V 7C • t
The rate of absorption is thus infinite when the liquid and gas are first in contact, 
and decreases with time. The amount absorbed by unit area of surface is
Q  = }Rdt = 2-(c*-c (3.13)
Fig. 3.7 shows the 
concentration profiles at 
various times for a solute gas 
with a diffusivity value of 
2 x 10'5 cm2s'! being absorbed 
into the gas-free liquid. The 
concentration profile flattens 
with time and hence the 
driving force decreases.
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Figure 3.7: Concentration profiles for the 
absorption of a gas into water
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Molecular Diffusion with Reaction - Fast Chemical Absorption
Thus far chemical reaction has not been considered in the absorption process. In such 
processes the conditions in the gas phase are similar to those discussed above, but in 
the liquid phase there is a liquid film followed by a reaction zone. The process of 
diffusion and chemical reaction can still be described by an extension of the film theory 
by a method of H atta (1932). In the case considered, the chemical reaction is 
irreversible and of the type in which a solute gas A  is absorbed from a mixture by a 
substance B in the liquid phase, which combines with A  according to the equation 
A  + B => AB. As the gas approaches the liquid surface, it reacts instantaneously with
B. The new product AB diffuses towards the liquid bulk. The concentration of B drops 
near the interface. If the chemical reaction is very fast B is removed very quickly. This 
makes it necessary for substance A  to diffuse into the liquid film to meet B. The 
concentration profiles are described in Fig. 3.8 (COULSON and R ic h a r d s o n, 1987).
The reaction zone moves into the bulk of the liquid until the diffusion rate of A  into 
this zone equals the diffusion-rate of B into it. The effect of the chemical reaction is to 
accelerate the removal of A  from the interface. In an equimolar reaction where 1 mol 
of A  reacts with one mol of B to one mol of product the concentration of B in the bulk 
and product close to the interphase are the same. Fig. 3.9 (VAN K revelen and 
HOFTIJZER, 1953) shows the absorption with chemical reaction.
bulk liquid phase
Figure 3.8: Absoiption with chemical reaction
When the diffusant is removed by chemical reaction the difference between the 
rates of diffusion into and out of the differential element dx is equal to the sum of the 
accumulation and the rate of reaction:
(diffusion in) - (diffusion out) = (accumulation) + (reaction)
or
_ d cA dcA d2 cA 3ca
—D  • -z~ - + D  • (~p~ + dx • — — = dx • —— + dx • r (3.14)
ox dx dx dt
and the equation for diffusion with reaction becomes
d2 cA dcA , .
D ' T f  = T f  + rx.t) (3.15)dx dt
If the diffusant is being created by the reaction, the local reaction rate r will be 
negative. In general r will depend on cA and on one or more other concentrations, 
depending on the order of the reaction. A  number of such problems have been 
considered e.g. in W e s t e r t e r p  et al. (1993).
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Figure 3.9: Concentration profile for absoiption with chemical reaction
It can be seen from Eq. 3.15 that if the reaction at x is infinitely fast (r —> °o) at any 
time, d2cA/3x2 at this point will be infinite. A  criterion for instantaneous reactions is 
given in W E S TE R TE R P  et al. (1993) and will be discussed and applied in Chapter 4.3.2. 
Usually the effect of reactions on transfer rates is expressed in terms of an 
enhancement factor when the transfer rate is no longer a function of the reaction rate 
but is completely limited by mass transfer.
Similarly, the concentration gradients of all species except the gas being absorbed 
will be zero at the surface, unless the species is evaporated or undergoes a reaction
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there. This is because the dissolved species (except the gas) are not being transferred 
across the surface. Hence the flux and the concentration gradient there of each are 
zero. If a species is created or removed by an instantaneous reaction at the surface 
there will be a discontinuity in its concentration gradient. The concentration gradient 
itself will be zero, but the gradient will be finite at all points below the surface.
Although from the physical point of view the film model is often not very realistic 
(the nominal film thickness 8 has no physical reality), it describes mass transfer through 
an interface combined with chemical reaction sufficiently accurately.
3.1.3 Mass Transfer to or from a Fluid Sphere
Based on the fluid mechanics described in the preceding chapter this chapter presents a 
typical approach towards mass transfer in the liquid around a single fluid sphere.
For simplicity a potential flow in the surrounding will be assumed; this leads to an 
asymptotic equation for the Sherwood Number characterising the mass transfer for 
Re-^oo (Boussinesq, 1905).
Sh Pe0 5 for Re »  1 (3.16)
4 k
also called the Boussinesq equation, corresponding to an external mass transfer 
coefficient of
ts being the contact time db/u of a particle flowing past the sphere, with db as bubble 
diameter and u bubble rise velocity, and D  the diffusion coefficient.
Although there are many other approaches for the present objective, the equations 
given above will be usfed. For more detailed approaches to the liquid side mass transfer 
resistances see for example CLIFT et al. (1978), In c r o p e r a and D E W n T  (1990) or 
WESTERTERP et al. (1993).
(3.17)
3 . 1 .4  M u l t i c o m p o n e n t  D i f f u s i o n
‘Das Studium der Maxwell’schen Abhandlung ist nicht leicht’ - by J. Stefan 
commenting on Maxwell’s (1871) work.
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U i
Multicomponent diffusion is much more complex than the binary case. Textbooks 
which consider multicomponent diffusion, apart from the ‘standard works’ about mass 
transfer mentioned above, are from, HlRSCHFELDER et al. (1964), CUSSLER (1976 and 
1984), Cheremisinoff (1986), Wesselingh and Krishna (1990), and Taylor and 
Krishna (1993). The latter is, mainly but not only due to its good selection of 
applications, the most comprehensive.
The setting-up of the constitutive relation for a 
binary system is a relatively easy task because there is 
only one independent diffusion flux, one independent 
driving force and, therefore, only one independent 
constant of proportionality (diffusion coefficient). The 
situation gets more complicated when the attention is 
turned to systems containing more than two components.
The simplest case of a multicomponent mixture is one 
containing three components and this will be the problem 
to be considered within this work.
Rather than using the approach of Fick diffusion in 
the three component case it is worth considering
alternative descriptions of mass transfer such as the Maxwell-Stefan equations. They 
are based on a model of spherical molecules exchanging momentum through collisions. 
The situation in a three component mixture is illustrated in Fig. 3.10. Species 1 
transfers momentum to species 2 in 1-2 collisions and to species 3 in 1-3 collisions. 
The force-momentum balance for a binary system is
Friction 1-2 
Friction 1-3
U 3
Figure 3.10: Molecular 
interaction in ternary system
d, -1 v P l =  -
X, ' X 2 ’ ( l l , - U 2 )
D
(3.18)
12
with di being the driving force for the diffusion of species 1 at a constant pressure and 
temperature, xi and X2 the mol fractions of the species 1 and 2 , u the corresponding
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velocities and D the diffusion coefficient. The molar flux of the species under 
consideration is directly proportional to its driving force.
For a ternary system, the simplest of the multicomponent ones, one more term has 
to be added, accounting for the collisions between 1 and 3 (see also Fig. 3,10). The 
completed force-momentum balance in that case is then
d _ X, x2 -(u,-u2) x,-x3 -(u,-u3)
D1 2 D1 3
The corresponding equations for species 2 and 3 can be obtained from Eq. 3.19 by 
rotating the subscripts 1, 2, and 3:
X- -x, *(u--u.) x9-x, *(u,-u,) 
d2 =—2— ---------U— 5— - f d  U  (3.20)
^2 1  ^ 2 3
and
X 3X 3 ' X , -(u3- u.) x3 -x2 -(u3 -u2)
3 D 3, D j2
At constant pressures the driving forces d; are equal to the concentration gradients 
Vxj. Of the three Equations 3.19-3.21 only two are independent due to the restriction 
Vxj+ Vxi+ VxL= 0. This is a result of the Gibbs-Duhem restriction (see e.g. Modell 
and Reid, 1983). Analyses from Hirschfelder et al. (1964) and Muckenfuss (1973) 
show that, as for the binary system
Dy = Dj; (3.22)
Although in this work the number of species is restricted to 3 the n-1 dimensional 
matrix notation of the Maxwell-Stefan equations will be introduced as it reduces the 
equations to only one expression:
c,(d) = [B] • J (3.23)
where [B] is a square matrix of order n-1
[B] =
B 2i ®  22
(3.24)
with the coefficients B being defined as follows:
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and
(3.26)
For the fluxes it can be written
(3.27)
and the driving forces
(3.28)
By rewriting Eq. 3.23 (multiplication with the inverse matrix [B"1]) we get 
following expression for the fluxes
Now it is obviously important how the diffusion coefficients of the Fick case and 
the Maxwell-Stefan coefficients are related and interpreted. The Fick D incorporates 
two aspects: the significance of an inverse drag and thermodynamic nonideality. 
Consequently the interpretation of the Fick D is less transparent than for the Maxwell- 
Stefan diffusivity D .
The relationship between the two looks as follows
with r as nonideality or thermodynamic factor which has to be introduced to account 
for nonidealities. This factor depends on the molecular interactions in binary or 
multicomponent mixtures. For example for a binary mixture it can be expressed in the 
following way
with Yi being the activity coefficient of species 1 in solution. For gases this is replaced 
by the fugacity coefficient as a measure for the occurring molecular interactions. For 
ideal binary systems the r is unity and the Fick D and the Maxwell-Stefan D  are 
identical.
(J) = —c, -B" 1 -(d) (3.29)
d = b_i • r (3.30)
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There are a lot of different methods of estimating diffusion coefficients in gas 
mixtures, usually based on the kinetic gas theory including effects of nonidealities, for 
example by FULLER et al. (1966) to name only one.
The sections above provide the basis for the calculation of concentration profiles 
and fluxes in different cases. Although the use of the Maxwell-Stefan equations can be 
advantageous in terms of interpretation of the intermolecular interactions it sometimes 
involves a considerable mathematical effort to solve them:
A couple of solutions for general and special cases will be presented and discussed 
in Chapter 3.4 in order to provide an estimation, and this is what it will inevitably be 
restricted to, for a situation relevant for the present work.
3 .1 .5  H e a t  T r a n s f e r  a r o u n d  a n  E x p a n d in g  B u b b l e
This chapter will provide an estimation of the heat transfer around bubbles of various 
sizes in a stirred tank. Its purpose is the assessment of the contribution of the heat 
transfer resistance to the kinetics of bubble growth in a hot liquid.
The convective heat transfer outside a solid sphere can be described by a 
relationship for the Nusselt Number (WHITAKER, 1972):
with Re being the external Reynolds Number based on the liquid properties as well as 
the Prandtl Number Pr, and jl and |iis the viscosity in the liquid bulk and at the gas- 
liquid interface respectively. Since eventually the surface temperature is the target 
value to be calculated an iteration process is required for its determination.
Alternatively, due to the weak dependence of viscosity on temperature between 
90 and 100 °C this effect can be neglected as a reasonable approximation.
For a ‘standard bubble’ of 3 mm diameter, having reached its terminal free rise 
velocity of about 0.25 ms'1, the external Reynolds Number at 100 °C is about 2700.
(3.32)
for 0.71 < Pr < 380, 3.5 < Re < 7.6 .104, and 1.0 < p/p* < 3.2
With a Prandtl Number for water at 100 °C of 1.76 and a kinematic viscosity of 
279 • 10*9 kg m' 1 s4  the Nusselt Number, applying Eq. 3.32, can be calculated to 58. 
This results into a number for heat transfer coefficient a to 1.3 • 104 W m' 2 K*1.
A sample bubble, 1 mm bubble introduced into boiling water at 1 atm growing to 
about 3 mm, coupled with the assumption of a complete saturation process within 
20 mS of the first exposure will be used to estimate the molar and heat flux and hence 
the surface temperature.
This gives a molar flux of 2.1 . 10"4 mol s' 1 which corrresponds to a transferred 
heat of 0.17 J within 20 ms. For the simplifying assumption of constant heat flux over 
the whole growth period the specific heat flux for a bubble half way through the 
growth phase is 4.3.104 W m"2. Hence the temperature drop Afr at the bubble surface 
can be calculated according to
q  4.3-,0^
Ai3 = —=------------------------= 3.3K. (3.33)
« 1.3.104 _W_m 2 IC
Accordingly the vapour pressure of water drops from 1000 to about 900 mbar. 
This leads to the conclusion that the decrease of temperature at the gas-liquid surface 
does not control the evaporation of water into an inert gas bubble of the discussed size 
introduced into boiling or hot liquid. Furthermore it shows that the consequences of 
the assumptions made in this analysis are insignificant.
For larger bubbles the above analysis breaks down because of the applicability 
range of the relationship in Eq. 3.33. But in any case the flow field in an STR will 
provide a much more intense agitation of the liquid around the bubble. This means that 
the above estimation is the upper bound for the temperature decrease.
Furthermore it is an investigation limited to the assumption of a very large initial 
evaporation. This again implies that in the STR the temperature at the surface over 
time will be higher than the initial value. This is even more true in the case of an 
exothermic reaction taking place at or in the vicinity of the gas-liquid interface.
As an experimental validation of this discussion the temperature distribution in the 
STR operated under hot gassed conditions was investigated and is presented in 
Chapter 4.5.
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3 .2  E s t im a t i o n  o f  a  G a s  S id e  M a s s  T r a n s f e r  C o e f f i c i e n t
Initially an estimation of a kga value for a ‘standard’ bubble was carried out. Fig. 3.1 
shows the flow around a spherical gas bubble rising in a liquid. A widely accepted 
equation derived from the penetration theory (Chapter 3.1.2) for an average value for 
the external mass transfer coefficient k is
k = 2 -,/— ' (3.34)
Tt* t
with a contact time of
t= bubble diameter = 3 mm
rise velocity 2 5 0  mm
An estimation of the diffusion coefficient following the method of Fuller, 
SCHETTLER, and GiDDlNGS, called hereafter FSG (1965 and 1966) gives a value for the 
diffusion coefficient of water in air of 0.37 cmV1.
This delivers a k value of 6.27 cm/s and, using a typical value for the specific area 
of 0.1 cm' 1 (Danckwerts, 1953), a kga value of 0.627 s'1.
Alternatively, for the system ammonia and nitrogen as carrier gas Cussler (1984) 
gives a value for the diffusion coefficient D of 0.23 cmV1 at 25 °C (0.255 with FSG 
for comparison) which produces a kga value of 0.49 s'1. At 100 °C FSG results in a 
value of 0.38 cmV1 giving a kga value of 0.32 s'1.
For the above case the internal Reynolds Number Rei„ of a gas bubble at 100 °C, 
using the assumption that the gas velocity in the vicinity of the interface has the same 
value as the bubble rising velocity, is
n  250— -3 m m -1.8t y  
R e i„ =  5 N „ m ' =  6 7 .5  (3 .3 6 )
^  2 - 1 0 - 5 t ynr
That implies that the flow regime in a bubble is laminar. This result will be used in 
the theoretical investigations for counterdiffusional mass transfer in the following 
chapter.
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3 .3  I n f l u e n c e  o f  B a c k f l o w  o n  A b s o r p t i o n  -  F i c k  D i f f u s i o n
3 .3 .1  I n t r o d u c t i o n
We shall look initially at the absorption process assuming a quiescent liquid phase with 
a plane gas-liquid inteiphase boundary, excluding convective flows perpendicular to it. 
Such models can give an indication of the relevant processes absorption and reaction.
Since the flow in bubbles can be assumed to be quasi-laminar no convective 
influence perpendicular to the direction of diffusion will be considered. The chosen 
geometry is a film of finite thickness with one-dimensional diffusion (see Fig. 3.11).
The relation between these two flows is determined for example by the 
stoichiometry of a reaction which produces a certain number of moles for each mol 
reacted away. Alternatively, when an exothermic reaction between a substance A being 
absorbed into the liquid phase and a substance in solution can create a considerable 
flux of a substance B. This depends on the ratio between the heat of reaction Ahr and 
the heat of vaporisation Ahv of the vaporised species B (either reaction product or 
solvent). A reflux ratio m will be defined such that
Ahr _ Nb
Ah N,
= m (3.37)
liquid bulk
The concentrations of species A and B at z = 0 will be called cAo and cB 0 and at 
z = 6  cAs and cBs, respectively.
When considering diffusion of A
from a bulk at concentration cA to the0
interface where it undergoes an 
instantaneous reaction, the concentration 
cA. at the interface can be assumed to bei
close to zero. For each mole of A 
reacted the heat released vaporises m 
moles of B which diffuse away from the
interface. The chosen reference point for the length variable is the position where 
the constant gas bulk concentration, which is known, starts to decrease. Fig. 3.11 
shows the geometry including the expected profiles with and without return flow.
z = o z= 8
Figure 3.11: Geometry
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With diffusion of only one component, applying the Fick model of a laminar film of 
finite thickness, the expression for the molaror species A is expressed as follows:
( C Ai  C Ao )
NAd=-DP^  = -D P 
dz
(3.38)
which is also known as Fick’s law.
When a component has to diffuse through a returning species the equation must 
include a term for the drift flux, which leads to:
NA,= -D p ^ -c A,( l-m)NA> (3.39)
Dividing by D • p and multiplying throughout by exp
’NA,(m-l)zY
exp
fN, (m-l)z'ldc
DP dz
+
Dp c a r ’ exP
Na -(m-l)-z
N A„ ( m - l ) z  
D P
we get
+
N,
Dp
exp
NAr (m-1) z 
Dp
0 (3.40)
which gives
exp( N At (m - 0
l  D p
c„ +
1
m - 1
exp
NA,(m-l)z
Dp
= constant. (3.41)
Putting cA = cA when x = 0 gives for the constant
constant = c„ +•
m - 1
Inserting this value into Eq. 3.41 gives the concentration distribution
C A r ~ C  A.. +
(m-1 ).
exp
—Na-1 (m -1) z 
D-p m- 1
(3.42)
(3.43)
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leading to the local concentration gradient 
dc
A- = k +  1dz
At the interface (x = d),
m - 1
f-NA (m-1 ) / f “NA (m-l)z  ^
exp A“
Dp Dp
(3.44)
NAr =-D.p. cAo +
m- 1
f “ N a  • ( m - 1 )^  f _ N A ( m - 1 )  8 ^
exp
Dp Dp
c A ( 1  - m) N;
(3.45)
Due to the instantaneous reaction at the interface the last term in this expression is 
almost zero and can be neglected. Cancelling NAr, D, r, and cross multiplying gives
C A „  +
1
m- 1
m-1
= exp
Dp
(3.46)
from which
N A = P   ^ I n  ( l  + c A  (m - 1 )) 
Ar ( m - 1 )  8  v A" V
(3.47)
which is the molar flow rate at the gas-liquid interface as a function of the occurring 
backflow. In comparison to the case of undisturbed diffusion of one component
Dp
A n g  \  ^  A ; v A nna = (C i C 0) (3.48)
and with the assumption of cA. ~ 0  we get
N ,
N Ad c Ao( m - l )
3 7 T l n (1 + c A0(m “ l ) ) (3.49)
This is the ‘Reduction Factor’ at which the flow with countercurrent diffusion is 
reduced in comparison to the undisturbed flow of one component. It is an indication 
for the inhibition of the overall mass transfer performance of a reactor, expressed in 
terms of k3a.
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3 . 3 .3  D i s c u s s i o n  o f  t h e  R e s u l t s
The discussion of the results includes the illustration of the concentration profiles as 
well as the mass transfer rates which are the performance determining factors in gas- 
liquid reacting systems like a stirred tank reactor.
Concentration profiles
Fig. 3.12 illustrates the concentration profiles close to the interface depending on the 
backflow ratio of reactant A in the bulk at a concentration cA 0 = 0.5 mol/mol and a flux 
of A of 0.1 mol m'V1. In order to reach comparability, the dimensionless presentation 
of concentrations and length variable (divided by the bulk concentration and film 
thickness 8 , respectively), were chosen.
Whereas a reflux ratio of 1, representing equimolar counterdiffusion, generates a 
linear concentration profile according to Fick’s law, higher ratios lead to a higher 
gradient close to the bulk and lower at the interface. As a result from the latter there is 
a change of the flow rates which will be discussed in the next section.
relative distance from the gas bulk / (z/5) interface
Figure 3.12: Concentration profiles at reflux ratios from 1 to 25 for a range of concentrations 
of reagent in the bulk liquid of 0.5 mol/mol and a flux of A of 0.1 mol irf2 s'1
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Reduction factors
The dependence of the ‘Reduction Factor’ on the reflux ratio for various 
concentrations of reagent in the bulk is illustrated in Fig. 3.13.
reflux ratio
Figure 3.13: Reduction factor as a function of the reflux ratio for a range of 
concentrations of reagent in the gas bulk from 0.005 to 0.5 mol/mol
It shows a range of concentrations of reagent in the gas bulk from 0.005 to
0.5 mol/mol. Generally, as expected, mass transfer is reduced with increasing backflow 
and the greatest effect can be observed at high reagent concentrations in the gas bulk. 
For example this means that the inhibition of the absorption stays below 5% in the 
given backflow range up to 50 for a concentration of 0.001 mol/mol, whereas at a 
value of 0.8 and a backflow rate of 10 the flux is decreased by 50%.
However, it depends on the reaction conditions whether this will increase the gas 
side mass transfer resistance, to an extent that it becomes a limiting factor. And within 
the limitations of the above approach (approximation of a binary case and dearth of 
knowledge about the flow field within the bubble) it is very important to note that the 
concentrations are by no means constant, hence the pseudo-steady-state investigation 
above will have limited applicability in more complex absorption processes, but it still 
provides an important yardstick for the estimation of the increased gas side mass 
transfer resistance.
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3 . 3 .4  E x a m p le  o f  a n  A b s o r p t i o n  P r o c e s s  w i t h  C o u n t e r c u r r e n t  F lo w
It has been mentioned earlier that one example of an industrial application where a 
considerable backflow occurs is the reaction of oxygen with paraxylene to give 
terephthalic acid. The relevant reaction is
3 02 + C6 H4 (CH3 ) 9  » C6 H4 (C02 H) 2 +2 H20 (Arh = -24 kJ/mol)
The heat released causes the evaporation of acetic acid which is the solvent used in this 
system. The reflux is determined by the ratio of heat of reaction and heat of 
vaporisation (latent heat) of acetic acid. The latent heat of acetic acid varies 
significantly with temperature (PERRY, 1988). Whereas the value at 118.3 °C is 96.75 
kJ/mol, it decreases gradually with increasing temperature down to zero at the critical 
point (321 °C). This means that a process carried out at high pressure and thus at high 
temperature would create a large backflow. As a simple illustration a reaction 
temperature will be chosen here and the corresponding values will be calculated. As an 
approximation the enthalpy changes accompanying dimersion or dissociation of the 
acetic acid vapour will be ignored.
At 140 °C (corresponding to about 3.5 bar) acetic acid has a latent heat of 94 
kJ/mol. The heat of reaction is assumed to be independent of temperature, hence the 
standard heat of formation (25°C) can be used to calculate the heat liberated at 140 °C. 
The standard heat of formation is -24 kJ/mol for paraxylene, 6 8  kJ/mol for water, and - 
745 kJ/mol for terephthalic acid (CRC Handbook, 1988). Assuming that only acetic 
acid will be vaporised, and excluding any possible effects of dimerisation of the acetic 
acid, this gives an induced backflow ratio of
. moles of evaporated acetic acid
m = 4.5---------------------   (3.50)
moles of oxygen
Assuming an oxygen concentration of 0.5 mol/mol in the gas phase the 
reduction factor for this system comes to 0.5 which means that the gas side mass 
transfer resistance is doubled. Given the usual ratios between liquid and gas side 
mass transfer resistances this will probably not cause the reaction to be 
significantly impeded in the case of a fast reaction in the liquid film.
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A brief overview of general and special solutions will be presented and discussed 
below. For a couple of cases relevant for the present work they will be worked out in 
further detail but due to the variety of approaches this will only present one possibility 
out of many.
3.4 Estimation of Backflow on Absorption - Maxwell-Stefan Equations
3 .4 .1  S o l u t i o n s  f o r  t h e  B in a r y  C a s e
This approach will be used as a first approximation of the behaviour of Maxwell-Stefan 
equations in the investigated situation of fixed flux ratios in the binary case. It provides 
a basis for the more complex case of the multicomponent diffusion for example 
discussed by Taylor and Krishna (1993).
Based on the film theory where a planar film of unit thickness is considered, mass 
transfer between the two edges occurs purely due to molecular diffusion under steady- 
state conditions, the equations of continuity can be written as:
showing that Nj, N2 and Nt are independent of location with in the film. The 
generalised Maxwell-Stefan diffusion equations (Eq. 3.19 to 3.21) simplify to
assumed that the Fick D is constant. This is equivalent to assuming that the Maxwell- 
Stefan £> and the thermodynamic factor F are constant. The Fick D is constant for any 
ideal gas mixtures at constant temperature and pressure and the assumption of a 
constant D is a fair approximation for small concentration changes in nonideal fluid 
mixtures.
(3.51)
with (Nt = N, +N2) (3.52)
dxj _ x, -N2 - x2 -N 
dz c ■ D
(3.53)
where D = 2 ) • T is the Fick diffusion coefficient. In the development below it will be
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Eq. 3.53 can be rewritten as
dx, x, • (N, + N2) N,
dz c, D ct D
It is convenient to define the following parameters:
(3.54)
1. A dimensionless distance
n  =  ^ z ^ = z ^  (3  5 5 )
z5 z0 1
2. A dimensionless mass transfer factor
(N.+N,)
=  1 Z (3.56)
ct D/l
For fixed flux ratios of mi = Ns/Nt and m2 = N2/Nt the mass transfer rate factor is 
reduced to
<E> = ln
^ l - X | S / m %
V 1 -  x .o  /  m ,  y
(3.57)
This expression allows the calculation of the fluxes Ni and N2.
3. The ratio
N
 ^ — (3.58)
c-D/1
With these equations Eq. 3.54 may be written as
dx,
—L = 0-x,+(() (3.59)
d r \
which is to be solved subject to the boundary conditions of a film-model 
z = z0  T) = 0 Xi = Xio
z = z§ r\ =  1 xi = Xis
The linear differential equation can be integrated to give the concentration profiles
( X | - x , o )
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(*ij-Xio) (e*-l) 
The diffusion flux at r \ = 0 can be obtained through
(3.60)
J.o —
c, D dx,
1 dr| 
and for T| = 1
c,D dx,
J 1 I -
1 dri
c . - D  <E>  / \
= —i-------------TS- iT'bio- *,*) (3-61)n=0 1 exp(O-l)
_ vD O exp(O) , ,,
~  i {if* i \ ’ v  io i8 /  (3 .6 2 )
n=5 1 exp(4> -1)
Comparison of above equations with the basic definition of the mass transfer 
coefficient shows
k0 = kg = k =D/1 (3.63)
with the correction factors given by
_ _ O „ _ <E> exp(O)
0 exp(<I> - 1 ) ’ 5 exp(<E> - 1)
(3.64)
In the limit of Nt tending to zero, 0 = 0 and the correction factors E0  and Hg are 
unity (as can be shown using L’Hopital’s rule). If O < 0, then the correction factor H0  
is greater than unity. On the other hand, if O > 0, then the correction factor Ho is 
smaller than unity.
The flux Nj can be calculated by multiplying the diffusion flux by the 
corresponding correction factors. In books like the one by TAYLOR and Krishna 
(1993) this correction factor is referred to as the bootstrap coefficient:
Ni = Po To =c, 'Po'k z!r-©(x'°“ x>s) (3-65)exp(O-l)
and
N. = FL -J.„ =c • B„ • k •
exp(0 -1)
3 .4 .1  R e s u l t s  a n d  D i s c u s s i o n
In order to compute the fluxes Ni and N2 an iterative procedure is needed since the 
correction factors themselves contain these fluxes. But for the objective of this work 
the flux ratios are fixed and hence the mass transfer rate factor is constant.
Fig. 3.14 illustrates the behaviour of the correction factors as a function of the 
mass transfer rate factor and hence the flux ratios for different compositions of the 
bulk.
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reflux ratio
Figure 3.14: Correction factor for the flux of the absorbing species for different bulk 
concentrations in mol/mol as a function of the reflux ratio
Fig. 3.14 shows the expected tendency of reduced correction factors with increasing 
reflux ratio. As in the Fick example demonstrated in Chapter 3.3 the correction also 
decreases with larger amounts of the absorbing species in the gas bulk. This is mainly 
an effect of the dependency of the mass transfer rate factor O (see Eq. 3.57) on the 
bulk concentration since the latter appears in the denominator. The highest correction 
factors in the investigated range occur at reflux ratios around 50 and bulk 
concentrations of 0.5 mol/mol where they reach a value of 0.7. But nonetheless even 
for these conditions it is doubtful whether this reduction in absorption will shift the rate 
limiting resistance towards the gas side apart from a few extreme conditions where the 
gas side resistance already prevails initially.
However, the actual values of the correction are a great deal smaller than the ones of 
the Fick case. Fig. 3.15 compares the values for the two extreme cases of very high 
and low concentration of the absorbing species in the gas bulk.
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reflux ratio
Figure 3.15: Comparison between the estimation correction factors for 
the binary Fick and Maxwell-Stefan case
The main difference between the Fick and Maxwell-Stefan approach is the fundamental 
formulation. The Fick driving forces are concentration gradients whereas the Maxwell- 
Stefan equations are based on the concept of friction. The latter suggests a smaller 
repression of the mass transfer rate as a result of countercurrent diffusion. Applied to 
the reaction from Chapter 3,3.4 this gives an even lower reduction factor than obtained 
with the Fick model.
The theoretical investigation will be limited to the above estimations. A more 
sophisticated approach to this part does not seem to be justified. The focus will be put 
on the experimental work about single bubbles and especially the absorption behaviour 
in the more complex situation of a sparged STR.
3 .5  S in g l e  B u b b l e  C o lu m n
The experimental investigations of the bubble growth in boiling water were designed to 
establish the kinetics of the saturation process of a single bubble in a boiling reactor. 
The objective was the determination of mass transfer coefficients and “apparent” mass 
transfer coefficients.
3 Mass Transfer of Single Bubbles 61
3 .5 .1  L i t e r a t u r e  S u r v e y
D u e  to  its  s ig n ific a n c e  fo r  te c h n ic a l p ro c e s s e s , th e  to p ic  o f  s in g le  b u b b le s  is a  w ell- 
in v e s tig a te d  o n e . F o r  e x a m p le  it  w a s  s tu d ie d  by  S ie m e s  (1954), DURST a n d  B e e r  
(1969), R a m a k r i s h n a n  e t  al. (1969), S a t y a n a r a y a n  e t  al. (1969), K u m a r  an d  
K u l o o r  (1970), B u e v i c h  a n d  B u t k o v  (1971), S w o p e  (1971), R u f f  e t  al. (1976), 
a n d  K e m n a d e  e t  al. (1978) to  n a m e  o n ly  a  few . T h e  a s p e c t  o f  f lo w  a ro u n d  s in g le  
b u b b le s  a n d  d ra g  a n d  te rm in a l v e lo c ity  re sp e c tiv e ly  h as  b e e n  s tu d ie d  by  m a n y  o th e r  
a u th o rs .
The present literature review will be limited to the studies of the absoiption from 
single gas bubbles rather than their drag and formation or other physical properties.
The investigation of the heat and mass transfer behaviour of single gas and vapour- 
gas bubbles has been described in several publications which are discussed briefly. 
Most of them refer to the measurement of kta values using single component bubbles. 
They will be discussed here mainly because they apply similar experimental equipment 
to that needed for the present investigations and provide a basis for comparison with 
experiments at boiling conditions. Tab. 3.2 shows a summary of experimental 
techniques and results.
As an alternative to these conventional methods presented in Tab. 3.2 there will be 
a short discussion and assessment of other techniques. For example more recently 
sizing bubbles in laboratory experiments has been carried out by means of holography 
(LAUTERBORN and Hentschel, 1985) and novel video techniques and using more 
powerful lenses have been applied (TASSIN and NlKUOPOULOS 1995). High-speed 
photography requires expensive equipment and materials. Moreover, visual techniques
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are often not suitable for a plant environment, where liquids may be opaque or 
visualisation of the flow impossible. Even in laboratory models, the presence of 
particles in a bubbly flow may preclude the use of visual techniques. Significant 
voidage may also obscure the internal details, making visual techniques unworkable, 
especially when the gas hold-up reaches an industrially relevant level (» 1 %).
In these circumstances there are a couple of alternative techniques. For example 
the electrochemical probe described in a recent publication by E s s a d k i  et al. (1997). It 
works on the basis of the characteristic average frequency of the fluctuations of the 
diffusion-limited current detected by the probe. If this frequency is assumed to be equal 
to the bubble oscillation frequency its size can be estimated.
A very similar approach is the measurement of the bubble frequency by acoustic 
means (Manasseh, 1997). This is a very versatile technique because of its small 
restriction of application ranges. The major problem arising here is the presence of a 
number of bubbles which interact or cause an interference of the signal. It is ideal in the 
case of series of single bubbles of the same size. That is why in Chapter 3.6 this 
technique will be applied for the investigation of bubble sizes in hot conditions.
Systems
Many authors have studied the absorption of carbon dioxide into water (Ledig and 
Weaver, 1924; Baird and Davidson, 1962; Calderbanic and Lochiel, 1964; 
Redfield and Houghton, 1965; Zieminski and Raymond, 1968; Johnson et al., 
1969; Raymond and Zieminski, 1971; Weller 1972; ICoide et al. 1974; and 
Schulze, 1985).
Due to the negligible solubility of carbon dioxide at temperatures between 90 and 
100 °C these absorption results cannot be related easily to the conditions investigated 
in the present work.
Ledig (1924) and WELLER (1972) studied the absorption of carbon dioxide into 
sodium and ammonium hydroxide, Redfield and Houghton (1965) into aqueous 
solutions of dextrose, Calderbank et al. (1970) into aqueous solutions of glycerol 
and polyethylene oxide, Raymond and Zieminski (1971) into dilute alcohol solutions,
and Koide et al. (1974) into aqueous solutions of n-propanol, i-butanol, acetic acid, 
and n-octanol.
The absorption of various hydrocarbons (methane, ethane, and ethylene), into 
water was studied by Leonard and Houghton (1963), Johnson et al. (1969), 
Weller (1972), and Schulze (1985).
Schulze (1985) mainly focused on the absoiption of gases with low solubility in 
water like xenon, oxygen, hydrogen, nitrogen, neon, N2 0, and helium into degassed 
water, with helium also being covered by Weller (1972) and N20 by Leonard and 
Houghton (1963).
Experimental Techniques
The bubbles investigated by most authors were created by direct injection of gas 
through a needle. In that case the bubble diameter is determined largely by the outer 
needle diameter and the shape and material of its tip. Alternatively authors 
(Motarjemi and JAMESON, 1978; Schulze, 1985) used stopcocks to trap a certain 
amount of air and then release it by turning the cock. Whereas SCHULZE (1985) filled 
the dead volume of the valve with gas, Motarjemi and Jameson (1978) closed that 
channel and drilled a small cavity into the filling material (epoxy resin). With both 
methods different bubble sizes can be generated according to pressure applied on the 
feed side. Schulze (1985) also found the bubble to be dependent on the turning speed 
of the stopcock.
Crucial to any system is the determination of the changes in volume and shape of 
the single bubble, usually over a certain time and travel distance, during free rise in a 
column filled with liquid. The discussions below will be restricted to visual techniques. 
In the given circumstances this technique was chosen to investigate single bubbles. 
Hence the literature review will include a number of less recent but not less relevant 
papers.
Most of the volume-change techniques used experimentally are modifications of a 
method introduced by Ledig and WEAVER (1924) who followed the course of 
absorption by taking shadowgraphs of the movement of a mercury column in a 
capillary which was the only connection between the column and the atmosphere. This
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method was refined either by using a camera to record the meniscus position directly 
(see Hamerton and Garner, 1954), or by a platinum wire inserted into the capillary 
in order to monitor the meniscus movement by following of the changing electrical 
resistance (for example Leonard and HOUGHTON, 1963), or soap film meters by 
Baird and Davidson (1962).
A capillary filled with mercury might be open to error if the meniscus movement is 
delayed due to its resistance against pressure variations. Rapid changes in volume 
might be damped out. Using this mercury capillary method instantaneous solution rates 
were measured in systems open to the atmosphere by e.g. Baird and Davidson 
(1962), Hamerton and Garner (1954), Ledig and Weaver (1924), and Leonard 
and Houghton (1963). Furthermore, this method allows neither the determination of 
the shape of the bubble and hence its surface nor the bubble location in the column at a 
given time, unless additional facilities are provided. For example Weller (1972) 
added a series of equidistant photocells to monitor the bubble rise.
The same problem accompanies the method of measuring pressure changes in a 
sealed system applied e.g. by CALDERBANK and LOCHIEL (1964). But compared to the 
capillary, the pressure measurement with a pressure transducer is faster (shorter 
response time) and easier to record (direct analogue output).
In most of these systems the bubble was first captured in an inverted bubble cup 
submerged in mercury (e.g. Calderbank and LOCHIEL, 1964) preventing initial 
saturation until the system was closed and the bubble released by turning the cup.
Direct observation with a video camera or photography was carried out by e.g. 
RAYMOND and Zieminski (1971) who followed the course of the bubble by means of a 
movable platform in order to monitor the volume change over a greater range than the 
use of a stationary camera would allow.
An alternative method, especially for very slow absorption processes like gases 
with low solubility in the surrounding liquid phase, was used by SCHULZE (1985). Here 
the bubble was held stationary in a tapered tube which allowed control of the location 
of the bubble, depending on its size or buoyancy, by adjustment of the liquid flow. On 
the other hand this method is not suitable for fast absorption processes because the 
bubble needs a certain time to rise into the tube and to reach its equilibrium position.
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Table 3.2: Literature review into the investigation of single bubbles
author(s) liquid phase gas phase method bubble dia. 
in mm
Ledig (1924) NaOH,
NH4OH
co2, nh3 capillary and 
photography
2-4
Ledig and 
Weaver (1924)
H2 0, NaOH C4
OU
capillary and 
photography
1.7-4.1
Hamerton and 
Garner (1954)
H2 0, glycerol ethylene, 0 2,
co2, h2, c2h6
capillary and 
camera
1.5-8
Deindoerfer and 
Humphrey (1961)
h2o o2 camera on 
movable platform
1 - 6
Baird and 
Davidson (1962)
h2o O O to a soap-film meter 8-42
Leonard and 
Houghton (1963)
h2o n2o, c2 h4 capillary with res. 
measurement
2 - 2 0
Calderbank and 
Lochiel (1964)
h2o co2 micro-manometer 4-31
Redfield and 
Houghton (1965)
H2 0, aq. 
solutions of 
dextrose
co2 capillary with res. 
measurement
5-16
Zieminski and 
Raymond (1968)
H20 co2 photography of 
capillary
1.3-1.9
Johnson et al. 
(1969)
h2o co2, ch4, 
c4 h8
capillary with res. 
measurement
4-20
Calderbank et al. 
(1970)
aq. glycerol, 
polyethylene 
oxide
co2 pressure 
measurement in 
sealed system
2-60
Raymond and 
Zieminski (1971)
H20 and dilute
alcohol
solutions
co2 photography of 
capillary
1.3-20
Weller (1972) H2 0, NaOH He, H2, 02, 
CH4j C2 H(5, 
C2Hg, C02,
c2h2
micro-manometer 
in air space above 
liquid
6-9
Koide et al. 
(1974)
H2 0, C4 H1 0, 
C3H8, acetic 
acid, n-octanol
co2 pressure
transducer
4.6-8.5
Motaijemi and 
Jameson (1978)
H20 0 2 camera (using 
flash illumination)
0 . 1 - 1
Hills et al. (1982) degassed H20 0 2 photography of 
capillary
3
Schulze (1985) degassed H20 c2h2, co2,
N2 0, Xe, 02, 
H2, N2, Ne, He
photography of a 
stationary bubble
0.14-2.7
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This could be improved by injecting the bubble into or at least close to its 
equilibrium location according to the initial bubble size.
The photographic method assumes a certain bubble shape when calculating the 
bubble volume and surface. The errors associated with deviations from spheroidal 
shapes become increasingly significant for larger bubble volumes.
Pressure measurement is probably the most universally used method, since 
instantaneous pressure changes can be sensed and recorded with great accuracy and 
without significant time-lag. But for smaller spherical bubble diameters in the region of 
1 or 2  mm it is more appropriate to use visual techniques.
3 . 5 .2  T h e o r y
In the following discussion the equations relate to a bubble that is assumed to be 
spherical. This is valid within the limits discussed in Chapter 3.1.1. The relationship 
between mass transfer and bubble size will be established on the basis of the use of 
absoiption from and evaporation into the gas phase.
Considering only the gas side resistance the single bubble mass transfer is 
described by
with kg as gas side diffusion coefficient, A the bubble surface, Ay the concentration 
difference between the gas-liquid interface and the gas bulk and pmigas the molar gas 
density in the bulk.
The component balance at a certain point in time around a bubble of a pure gas 
looks as follows:
Na =kg-A-Ay-pmgas (3.67)
(3.68)
Inserting Eq. 3.67 into Eq. 3.68 results into an expression for the change of 
diameter according to the mass transfer
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For a process limited to gas side resistance the equivalent equations are as follows
in which the density pm>gas now stands for the bubble molar density consisting of a 
mixture of gases.
From the volume of a bubble and its position in the column the surface area and 
number of moles contained can be calculated, assuming the pressure in the bubble pb to 
be
with h being the head of liquid above the bubble resulting into the addition of the 
hydrodynamic to the atmospheric pressure.
Hence the volume and growth rate at a certain time gives, with the knowledge of 
the initial amount of gas, a kgA value according to Eq. 3.70. This will characterise the 
gas side mass transfer behaviour of a bubble of a certain size, according to the initial 
and mass transfer conditions, respectively.
In case of a bubble deviating from a spherical shape, an image analysis package, 
applying a numerical fitting process, can be used to estimate the projected area of the 
bubble and calculate volume and surface area. This still assumes an oblate spheroidal 
shape, i.e. not spherical cap bubbles of about 2 0  mm or more in equivalent spherical 
diameter.
Since this will inevitably result in increased errors because of the lack of three- 
dimensional information of the bubble shape (assumption of an oblate spheroid 
required), it is desirable in all circumstances to restrict the investigation to spheroidal 
bubbles.
This will then give much more defined conditions for a more analytical approach to 
the analysis of the mass transfer into and from single bubbles exposed to the conditions 
considered in the present work.
NA =kg-A-Ay-pra)gas (3.70)
(3.71)
Pb =Pa.m  + P - g - h (3.72)
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3 .5 .3  E x p e r im e n t a l  E q u ip m e n t
Several systems with different experimental set-ups have been used to investigate gas- 
liquid mass transfer. Generally there are three ways of determining gas side mass 
transfer coefficients experimentally:
Direct - Evaporation of a pure substance into a inert gas
- Absorbing a gas into a liquid where it undergoes an instantaneous reaction 
Indirect - Ab- or desorption process of a diluted substance without reaction
In the first two cases there is no concentration gradient in the liquid phase. In the first 
example using a pure liquid results in a concentration of 1 at the liquid side of the 
interface. In the second the instantaneous reaction justifies the assumption of zero 
concentration at that point. These experiments were carried out in the STR and are 
presented in Chapter 4.2 (evaporation of water into air) and 4.3 (absorption of 
ammonia into aqueous phosphoric acid) respectively.
bubble unit
high speed 
video camera
needle /  (see Fig. 3.17)
supply mercury 
supply
Figure 3.16: Experimental arrangement
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Given the previous estimation and the anticipation of a very fast bubble growth, an 
experimental setup was needed which was able to generate very small bubbles (of
about 1 mm in diameter) which will be still water-free at the time of the start of the
growth monitoring. This meant that the common technique of injection through a 
needle either directly exposed to the working liquid or submerged into mercury and 
using an inverted bubble cup would have been unsatisfactory. The extent of 
presaturation of the bubble prior to release had to be minimised.
The technique chosen was the injection of a bubble through a needle into the
reactor in a fast mercury stream. This was achieved by means of a Hamilton syringe 
drive module PSD/2. Mercury provided the convenient combination of being water- 
free, having a high boiling point, and being easily collectable without the danger of 
contaminating the water.
A bubble column was designed to investigate the single bubble growth and mass 
transfer. Fig. 3.16 shows the arrangement. The main column was 17 cm in diameter 
and 120 cm in height. Six side outlets, closed with metal plates, were provided to 
enable temperature measurement at different heights of the column or additional 
facilities such as pressure measurement or capillary outlet. The metal bottom plate was 
provided with a PtlOO resistance thermometer with an accuracy of 0.1 K, a power 
controllable immersion heater with 1.7 kW maximum heat input, and an 1 inch hole in 
the centre to hold a rubber bung which itself served as a mount for a glass funnel.
blow-off
valve
■  t
*> _L. mercury
needle
valve
oil
reservoir
CXf six-way valve (see Fig. 3.18)
column
V manometer
scrubber
oil catch pot
Figure 3.17: Schematic of the gas supply for the single bubble column
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The lowest side arm accommodates the needle through which the gas and the mercury 
were introduced into the column. The needle tip was positioned slightly off centre (to 
the right) of the column above the glass funnel to ensure that all mercury was trapped 
in the mercury bulb.
The gas was supplied through a succession of ball valves to ensure a safe 
experimental procedure especially when using pure ammonia. It allows a gradual filling 
of the lines with closed main supply.
3 . 5 .4  E x p e r im e n t a l  P r o c e d u r e
In order to ensure the introduction of pure gas, the line between the cylinder and the 
six-way valve (Whitey 1/8” 6 -way crossover) was purged by using the purge outlet 
depicted in Fig. 3.18. The gas was purged into a mercury seal at the bottom of a 
washing bottle filled with aqueous phosphoric acid. This was done in order to prevent 
any backdiffusion into the purge line. Then the valve was turned 120 degrees with the 
result that a small amount of gas was trapped in the dead volume of the valve 
surrounded by mercury on both sides. This volume was then injected into the column 
by activating the motor driven syringe filled with mercury at a certain speed according 
to the experimental conditions.
purging with gas injection of gas with mercury
i
mercury
blocked
phosphoric
acid
mercury
Figure 3.18: Six-way valve with indication of the injection mechanism
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The dead volume of the ball was determined by weight measurement of mercury using 
the inverse technique and flushing entrapped mercury with the gas stream. Its weight 
was 0.14 g and corresponding to a volume of 10.3 pi with an equivalent spherical 
diameter of 1.64 mm.
The size and growth of the bubble were monitored with a high speed video system. 
The high speed camera used was the KODAK EKTAPRO Motion Analyzer Model 
4540 including a digital storage and equipped with a JVC 7-13x zoom lens with macro 
facility. After their acquisition the images were then recorded on standard VHS video 
and downloaded digitally to the IEEE GPIB board of the image analysis system, with a 
maximum resolution of 256 x 256 pixels. As image analysis system the OPTIMAS 
version 6 . 0  was used which allows the characterisation of an object in many ways such 
as the area equivalent spherical diameter and velocity. The recording rate for all 
following experiments was 2250 frames/s.
3 .5 .5  R e s u l t s  o f  B u b b l e  G r o w t h  E x p e r im e n t s
Bubbles of various sizes and temperatures were injected into the column filled with 
degassed distilled water. Tab. A3.1 and A3.2 summarises the range of conditions for 
seven different series of images. Fig. A3.1 to A3. 6  give an example of the timescale of 
the initial exposure of the bubble and its rise (temperature is 97.7 °C).
The measurements cover temperatures from 97.7 to 45.1 °C. With every 
experiment the corresponding vapour pressure of water is given. With this and the 
local pressure at the needle tip (atmospheric plus hydrostatic pressure) a factor for the 
increase of the bubble diameter was calculated.
In none of the experiments an increase of the bubble diameter was detected within 
the accuracy of the experimental technique. The accuracy was about ±5 % for the 
investigation of small bubbles (about 1 mm) over a rising path of about 2 0 0  mm, 
determined by the scattering of the measurement. This is according to the resolution of 
the images (256 x 256) and the image quality in terms of sharpness of the bubble 
boundary.
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This implies that the rapid expansion of the bubbles, especially at high 
temperatures with diameter increase factors of up to 5.4 at 97.7 °C, is completed 
within the initial period of exposure before the bubble diameter could be measured 
visually. This period depends on how the bubble detaches from the needle or the 
mercury jet but lies below 67 mS for all experiments. The gas side mass transfer 
coefficients calculated as a result, applying a log mean driving force for the whole 
period of growth (see Eq. 4.9), are given in Tab. 3.3.
Table 3.3: Gas side mass transfer coefficients for water transfer into nitrogen bubbles
temperature / °C 97.7 90.5 83.0 77.2 65.1 54.7 45.1
final size / mm 1 . 1 1 . 2 0.84 0 . 8 6 0.84 0.67 0.95
kga/ s' 1 0.177 0.203 0.578 0.436 0.750 0.039 0.065
They lie in a range from 0.065 to 0.75 s'1. The values do not actually depend solely on 
temperature because due to different bubble sizes and different driving forces at 
different temperatures they depend on a combination of those.
3 .5 .5  R e s u l t s  o f  A b s o r p t i o n  E x p e r im e n t s
Pure ammonia was injected into a boiling 5 % aqueous phosphoric acid solution. The 
absorption is so fast that the bubble is absorbed as quickly as gas is introduced 
(< 1 0  ms for a typical bubble in the experiment) and the bubble has effectively no 
separate existence in the boiling liquid. As an extreme case a bubble of 2.1 mm 
equivalent spherical diameter was absorbed within 10 ms. This leads to the conclusion
C $ y
that even very rapid evaporation at high temperatures do/not lead to a significantly 
delayed absorption. However, it should be remembered that these results are restricted 
to the investigation of very small fresh bubbles and can at best be only a guide to 
understanding the complex system of a sparged stirred tank.
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3 .6  A c o u s t i c  B u b b l e  S i z i n g
A method that allows on-line determination of bubble size development offers the 
possibility that the rate of saturation of a water-free bubble (and hence the 
instantaneous mass transfer coefficients) can be determined. Essentially if the initial 
bubble volume and the liquid temperature are known the water vapour concentration 
can be worked out from the experimental determination of the bubble size after a given 
time. Similarly the equilibrium bubble size and the bubble growth ratio can be 
calculated.
All experiments presented below were carried out at the University of Surrey in 
collaboration with Richard Manasseh from the Fluid Dynamics Group of the CSIRO 
Division of Building, Construction and Engineering, Melbourne, Australia.
3 .6 .1  I n t r o d u c t i o n
It is well known that bubbles produce an acoustic signal on formation and deformation 
( M i n n a e r t  1933; S t r a s b e r g  1953, 1956; L e i g h t o n  &  W a l t o n  1987; Longuet- 
HlGGINS el al 1991). A full review of bubble acoustics is given by LEIGHTON (1994). It 
was suggested by L e i g h t o n  &  W a l t o n  (1987) that the sound spectrum produced by 
bubbles in the environment could be used to calculate the bubble size spectrum. There 
are also industrial applications. Many processes in chemical engineering involve 
aeration, where knowledge of the bubble size is important.
M i n n a e r t  (1933) sh o w e d  th a t  u n d e r  a p p ro p r ia te  c o n d itio n s , th e  f re q u e n c y  o f  th e  
a c o u s tic  s ig n a l is d ire c tly  re la te d  to  th e  b u b b le  s iz e  a c c o rd in g  to
f 2 = A 1-—T  (3 -7 3 )(2 %) • p, • r0
where f is the frequency in Hz, p0 is the absolute liquid pressure, y  is the ratio of 
specific heats for the gas, pi is the liquid density and r0 is the bubble radius. The surface 
tension is not involved, since this can be shown to be a second-order effect ( L o n g u e t -  
HlGGINS et al., 1991). The bubble only rises a few bubble diameters during the 
production of the acoustic pulse. Hence po may be considered constant to within a few
tenths of a percent. The existence of an acoustic signal leads to two possibilities: the 
acoustic spectrum of a bubbly flow could be used to deduce the bubble size 
distribution; and the signal could be used as a trigger to enable accurate, high- 
resolution photography of the bubbles, providing a second check on the bubble size. 
Although work to date on bubble acoustics has mostly investigated the signals 
produced by small, single bubbles, the method is also suitable for the application in 
reactors like the present one.
As bubbles rise they are distorted by hydrodynamic forces. These shape distortions 
alter the frequency. STRASBERG (1953) has shown how the frequency may be 
corrected for prolate and oblate spheroidal bubbles. As the air-flow rate increases, the 
bubbling rate increases. As the bubbling rate increases, bubbles also become larger and 
more distorted and begin to affect each other. Eq. 3.73 will break down.
It is therefore of interest to establish a general calibration for bubble acoustic 
frequency. An empirical relationship between bubble frequency and bubble size should 
be determined. Ultimately, this should be a function of parameters such as the 
properties of the liquid. For the present study, attention is restricted to variations as the 
bubbling rate increases.
A typical acoustic pulse is shown in 
Fig. 3.19. It was measured by 
MANASSEH (1997) using an underwater 
hydrophone (Bruel & Kjaer type 8103) 
near the bubble release point. The 
sections A to F in the signal can be 
interpreted as follows: A and B as 
formation of the bubble at nozzle and 
thinning of the neck; C as the detachment 
process of the nozzle so called ‘necking’;
D as the bubble deformation as a result 
of the necking process; E and F further 
deformation of a minor degree, 
dampening out of the signal.
The bubbling rate was 12 Hz and the acoustic frequency about 980 Hz. The 
corresponding spectrum, averaged over 30 bubbles, shows a clear peak at the bubble
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Figure 3.19: Acoustic pulse produced 
on the formation of a single bubble
frequency. The relevant part of the spectrum (below 2500 Hz) for a single bubble is 
virtually identical. After passing through filters and a variable-delay trigger, the 
acoustic pulse was used to fire a strobe that enabled high-resolution photographs to be 
taken using a 35 mm camera. Such photographs, which are accurately related to the 
phase of the acoustic pulse, are used to calibrate the frequency-derived bubble sizes 
(see for example M a n a s s e h ,  1996 or M a n a s s e h  and N i c h o l l s ,  1996).
To be compared precisely, the frequency measurement must be made at the same 
time as the optical measurement. Generally, the frequency reduces with time. Hence, 
the frequency of the peak in a spectrum of the entire acoustic pulse will be lower than 
the frequency for the first few periods of acoustic oscillation. As a result, the radius of 
a bubble assumed to be spherical and calculated using the spectral peak will be an 
over-estimate of the bubble radius just after release. For all but the highest air flow 
rates measured, the bubble production and acoustic oscillation are so regular that this 
first period can be measured with an error less than 1%. Smaller bubbles are closest to 
ideal because errors due to distortions are minimal.
The bubble first-period "frequency1 was used to calculate the bubble volume using 
Eq. 3.73, which together with the bubbling rate can be used to re-construct the air flow 
rate through the nozzle. Comparing this with the known flow rate obtained from the 
initial calibrations gives a useful check of the accuracy of the acoustic technique in the 
given conditions.
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3 . 6 .2  E x p e r im e n t a l  E q u ip m e n t  a n d  P r o c e d u r e
The experiments were carried out in the STR used for all reactor experiments in this 
work. A nozzle was fixed into the sleeve in the bottom of the tank (centre) and 
supplied by the compressed air line, as illustrated in Fig. 3.20. The hydrophone was 
designed to be operated in conditions up to 70 °C, so a cooling system was provided 
to limit the hydrophone temperature.
The hydrophone was enclosed in flexible silicone tubing with similar acoustic 
properties to the water, the signal was not damped by the tube wall. The cooling water 
flowing through the tube had to be adjusted carefully to avoid introducing excessive
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noise into the acoustic signal. The temperature between the hydrophone and the nozzle 
was measured with a PtlOO resistance thermometer.
For an experiment in hot water the water level in the vessel was adjusted to a 
submergence of the nozzle of about 35 cm and then heated to boiling point. The 
heaters were then switched and measurements taken during the cooling down of the 
water.
Figure 3.21: N ozzle dim ensions
cooling
water I PtlOO
/
hydrophone nozzle
Figure 3.20: Experim ental arrangem ent
The nozzle dimensions are given in Fig. 3.21. The orifice determining the maximum 
velocity lies at the bottom of the nozzle and is 0.8 mm. The nozzle tip is tapered and 
widens to a diameter of 6  mm. This gives a volume of the cone of 40.7 p.1. This 
dimension may be used to estimate backdiffusion of water into the nozzle but is only 
the upper estimate because in most cases the bubble will be released not from the tip of 
the nozzle but further down.
Tab. 3.4 shows an example of the analysis of a signal. By means of the cold water 
frequency a diameter and hence volume for a cold bubble can be calculated. Together 
with the bubble frequency this gives the cold air flow rate which can then be corrected 
applying the ideal gas law temperature correction.
The theoretical equilibrium ratio of water to air at saturation is calculated in the 
second section. In order to do this the atmospheric pressure during the experiment, the 
water column above the nozzle and the temperature all have to be known.
To the initial volume of a bubble the equilibrium amount of water is added to reach 
the saturation partial pressure of water at the corresponding temperature. This gives 
the equilibrium between air and water.
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The experimental ratio of air and water can be evaluated as follows. With the 
period from the acoustic signal the frequency (inverse of the period) is known. With 
the frequency the bubble diameter and volume can be calculated, applying Eq. 3.73. 
Processing the cycle data from the acoustic signal leads to the calculation of the total 
hot flow rate by multiplication of the bubble volume with the bubble frequency (inverse 
of the cycle). 5k/£tracting the corrected cold flow rate (for the liquid temperature 
during the experiment) from the hot flow rate gives the vapour flow rate and hence the 
experimental air/water ratio.
Table 3.4: Example of the calculation of bubble sizes
air flow rate
cycle temp cold flow rate ‘hot’
cold water cold water r0 cold volume cold flow rate
ms °C mm 3mm mm Vs mm Vs
0.335 26.2 0.00317 1.34E-07 3.99E-07 4.479E-7
equilibrium ratio
pressure water p total Vpw equilibrium
mbar cm mbar mbar ratio
988 35.5 1022.27 235.52 0.30
experimental ratio
cycle period 
temp hot water hot f hot
hot
volume
flow rate 
hot experimental
°C ms ms Hz mm 3mm mm Vs ratio
63.1 0.255 1.04 962 0.0033 1.51E-07 5.926E-7 |
This vaporisation has taken place in a certain time interval which is equivalent to the 
rate of bubble formation ignoring any backdiffusion into the supply line. It will typically 
be of the order of a few ms.
If necessary, using an average surface area and the amount of water transferred 
within a certain time interval, mass transfer coefficients can be calculated. In this case 
the priority is in the determination of the speed of saturation of a gas bubble introduced 
into a hot stirred tank reactor.
7 ?  &  3  & / > o /  / X i s c & s f f o n
Three series of experiments were carried out covering a temperature range from 98.8 
to 56.0 °C with maximum gas velocities at the bottom of the nozzle of 0.84 and 
1 . 6  m/s. Run 1 covers values in the range from ^  / to Th B  °C. This run is illustrated 
in Fig. 3.22 in terms of the experimental and equilibrium (saturation according to bulk 
temperature) water/air ratios in this temperature range as an indication for the degree 
of saturation reached within the measuring time of 1 ms. The equilibrium follows the 
relationship for the vapour pressure of water versus temperature.
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Figure 3.22: Water/air ratios and equilibria for a temperature range from 63.1 
to 97.5 °C and a maximum velocity in the nozzle of 0.84 m/s
Most of the experimental values are close to the saturation limit but in the medium 
temperature ranges they lie significantly above the theoretical value and suggest an 
oversaturation, approaching 50 % at a temperature of about 82.0 °C.
The second run was carried out from 98.7 to 56.0 °C and with the same flow rate 
as in the first run (see Fig. A 3.7 in the Appendix). It also exhibits the range of 
oversaturation«>
In order to determine the influence of the air velocity on the backdiffusion into the 
nozzle and hence the saturation kinetics, a run was carried out with an increased flow 
rate with a maximum velocity of 1.6 m/s at the orifice of the nozzle (Fig. A3.8 ). 
Unfortunately a fault occurred and this run had to be interrupted at a temperature of 
94.9 °C. It shows lower values for the degree of saturation (ratio of experimental air to
water ratio to its equilibrium value) which are plotted in Fig. 3.23 as a comparison 
between the different runs. All data are summarised in Tab. A3.3 in the Appendix.
The runs 1 and 2 show a good agreement down to temperatures of 75 °C. Below 
this the relative values are far more sensitive to experimental scatter because of the 
dramatically decreased vapour pressure of water.
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F igure 3.23: C om parison  o f the d ifferen t runs by plo tting  the 
rela tive degree o f  sa turation  versus tem perature
In the higher temperature ranges ran 3 follows the two previous runs systematically at 
a lower degree of saturation. This indicates the influence of gas velocity on the degree 
of presaturation with water. A doubled maximum gas velocity led to relative difference 
from equilibrium which is of the order of 5 to 10 % below that of the previous runs.
A check of the effect of the atmospheric pressure reading on the equilibrium shows 
that at the maximum deviation a value of 150 mbar below that observed would be 
needed to account for the oversaturation. This cannot have been the case since the 
pressure variation, according to the Meteorological Office, was at most 1 mbar during 
the period of the measurements. Furthermore, the acquisition of the data with the 
oscilloscope is very accurate and lies comfortably within +5 % of its reading.
Unless there is a systematic error which has not been found, the oversaturation 
measured must be a result of an overshoot in the size of a bubble which undergoes a 
rapid expansion. A similar phenomenon has been reported by BATCHELOR (1970) in 
the context of underwater explosions and appears to be the only plausible explanation^ 
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3 . 7  C o n c l u s i o n s
In this chapter a theoretical as well as several experimental approaches have been made 
to investigate the mass transfer of single bubbles in the condition relevant for a sparged 
hot STR.
The theoretical models chosen were those of Fick and Stefan-Maxwell. They were 
both employed to estimate the influence of a countercurrent flow against a gaseous 
substance to be absorbed by evaporation from the liquid phase. Various compositions 
of the gas phase and evaporation rates from the liquid resulting in different ratios 
between the evaporated and absorbed substance were investigated for binary systems.
Generally, the higher the ratio between evaporation and absorption rate and the 
greater the concentration of the absorbing substance in the gas phase, the more is the 
absorption process inhibited. The ratio between evaporation and absorption can for 
example be fixed when an exothermic reaction is carried out in the liquid phase. Here 
the ratio between the heat of reaction and the heat of vaporisation fixes the flux ratios.
This has been elaborated using the Fick model for mass transfer for the example of 
oxygen absorbing and reacting in the liquid phase with paraxylene to terephthalic acid. 
Here the ratio, with acetic as evaporated solvent, is 4.5 leading to an inhibition of the 
absorption process by a factor of 2 , with an oxygen concentration in the gas phase of 
50 %. This result implies a twofold resistance for the gas side mass transfer compared 
to the process without evaporation. The significance of this shift is not expected to 
alter the overall performance of the absorption process significantly.
The use of the Stefan-Maxwell model led to an estimation of the inhibition which 
was below that with the Fick model.
The change of size of nitrogen bubbles introduced into hot distilled water was 
investigated. To prevent presaturation of the gas, mercury was used to seal the 
injection needle. Within the limits of the high speed video recording, the technique 
used for monitoring te change of size of the bubbles, all bubbles injected at different 
temperatures were found to be of a constant size. This implies that either the saturation 
process is very slow or indeed very fast. Given the findings of the following section the 
latter is believed to be the case. The mass transfer coefficients on the basis of an 
assumed log mean driving force over the period of growth are summarised in the 
following Table.
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Table 3.5: Summary of the growth of nitrogen bubbles in hot water
temperature / °C 97.7 90.5 83.0 77.2 65.1 54.7 45.1
final size / mm 1 . 1 1 . 2 0.84 0 . 8 6 0.84 0.67 0.95
k«a / s" 1© 0.18 0 . 2 0.58 0.44 0.75 0.04 0.07
In addition advantage was taken of a visit to the University of Richard Manasseh from 
CSIRO, Melbourne, Australia. He has developed a unique method based on acoustic 
resonance of measuring bubble sizes. Here a very significant difference in the acoustic 
damping behaviour of gas-vapour and gas bubbles was found. The gas-vapour bubbles 
led to a much faster damping of the signal. The analysis of the change of size of air 
bubbles introduced into hot water confirmed the initial findings of a very rapid bubble 
growth within milliseconds.
These experiments clearly confirm the earlier results that the saturation of a small 
bubble introduced into hot water is very rapid compared to the total residence time of 
a bubble in a stirred tank reactor. This implies that a gas bubble introduced into hot 
water will reach a very high degree of saturation in a timescale that is orders of 
magnitude less than the residence time needed in order to achieve a desired degree of 
absorption in a reactor. The result implies that absorption will probably not be affected 
by the effect of countercurrent during absorption in an STR.
This was also investigated on the basis of single bubbles where pure ammonia was 
injected into a boiling 5 % phosphoric acid solution. The absorption was found to be 
too fast to be monitored. Accordingly all the absorption has taken place within the time 
of exposure. As an extreme case a bubble of 2.1 mm equivalent spherical diameter was 
absorbed within 10 ms. This leads to the conclusion that even very rapid evaporation at 
high temperatures did not lead to a significantly delayed absorption.
Despite this conclusion the above results are restricted to the single investigation 
on very small fresh bubbles and can only provide a guide to the understanding of the 
complex system of a sparged stirred tank. The application to that environment will be 
investigated in the following chapters.
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4 M a ss T ransfer in Stirred Tank R ea cto rs
Chapter 4.1 presents a general introduction into mass transfer aspects of an STR, 
extending the introduction of Chapter 2 which treated the power draw characteristics 
of stirred tanks. All the following sections deal with experimental investigations of 
mass transfer in an STR focussing especially on the gas side mass transfer coefficients 
in a stirred tank reactor.
4 .1  I n t r o d u c t i o n
In any but an artificially simplified agitated system the situation is very complicated. 
The concentrations of the various species are neither constant nor uniform when 
measured over short time and length scales. Diffusion, convection, and reaction 
proceed simultaneously.
For mass transfer in tanks or columns the mass transfer coefficients kga and kia are 
commonly used to describe the mass transfer behaviour of the entire apparatus. The 
parameter a stands for the specific interfacial area which is defined as the absolute 
interface area divided by the overall volume, usually the liquid volume plus the gas 
hold up. This leads to the following relationship given by E c k e r t  (1975):
Aci0g the log mean driving force. The log-mean driving force is applied when the gas 
phase is unmixed and as though in plug flow and the liquid phase is fully mixed, leading 
to a concentration driving force at the bottom and at the top (OLDSHUE, 1983). A log- 
mean driving force is a reasonable representation and experience has shown its use to 
be the most consistent and practical for full-size vessels. In this case the driving force is 
formulated as follows:
N = kg - a-Aclog • V = k, -a-Aclog-V (4.1)
where N is the number of moles absorbed per unit time, V the overall volume and
(4.2)
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A combination of Eq. 4.1 and 4.2 describes the overall mass transfer performance 
of a stirred tank reactor dependent on inlet and outlet concentration of the gaseous 
reactant, the volume of the reactor, the mass transfer resistances, and the liquid 
homgeneity.
In the next section the influence of the most important parameters on gas-liquid 
mass transfer in stirred tank reactors will be discussed in detail. Again most work done 
in the past focusses on the investigation of liquid side resistances. This knowledge is 
needed to determine its contribution to the overall resistance.
4.1.1 Literature Survey
Effect of the Gas Flow Rate on Mass Transfer Resistance
For a given gas-liquid system without mechanical agitation, no effect of gas (or liquid) 
flow rates on the value of the liquid side mass transfer coefficient has been detected 
(Calderbanic, 1960).
Similar conclusions were also reached by CALDERBANK (1958) for gas-liquid 
agitated systems. This conclusion should be considered with some reservations since 
the transfer coefficient depends on the bubble diameter which may depend on the gas 
flow rate. It would be more correct to state that the gas flow rate does not appear to 
affect the mass transfer coefficient ki, provided the bubble diameter does not pass the 
transition between rigid and mobile interfaces. This phenomenon will be discussed in 
the next section.
The gas rate is not expected to influence the kg values. But since the flow pattern 
within the bubbles, and hence the influence of fluid dynamics on the gas side resistance, 
has not been intensively investigated, a prediction of this effect is subject to further 
work in this complex area.
In terms of internal circulation unless there is some data to suggest otherwise, the 
flow pattern presented in Fig. 3.1 will be assumed. The evaporation into the bubble is 
not believed to alter this pattern significantly.
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Effect of Bubble Size
The effect of bubble size on the transfer coefficient has been discussed in detail by 
SlDEMAN and BARSKI (1964) and SlDEMAN et. al. (1966).
In general one may follow the suggested correlations of CALDERBANK et al. 
(1960 and 1961), which imply that the liquid side transfer coefficient does not change 
with bubble size within the ranges of “small” (d < 2 mm) or “large” bubbles (d > 2 mm). 
The liquid side transfer coefficient varies rather sharply in the transition zone between 
the two size ranges. Unfortunately this transition zone is not uniquely defined, being 
highly dependent on very small changes in surface tension, as may arise as a result of 
contamination. Accepting, for simplicity, the above classification for “large” circulating 
and “small” rigid bubbles, the ratio of the liquid side transfer coefficients for any one 
gas-liquid system is given by
It is, however, important to note that this ratio is only valid for single bubbles or at 
low gas hold-up (approximately up to 10 % hold-up). As gas hold-up increases and the 
mean free path between bubbles decreases, the constant in Eq. 4.3 reduces towards 1.0 
as shown by CALDERBANK (1960).
Effect of Agitation
CALDERBANK’s data (1960 and 1961) suggest that the liquid mass transfer coefficient 
is independent of agitation intensity for all practical purposes. He states that the mass 
transfer coefficient is relatively constant, even at high shear rates.
But usually in the literature (Middleton, 1992) relationships of the form
* / small
(4.3)
k, oc(p/V)a ocNb (4.4)
are considered to describe the dependence of kj on power input, volume, and impeller 
rotation speed.
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There is little literature available on kga values in Stirred Tank Reactors although some 
investigations have been made in bubble columns. The similarities between a bubble 
column and an STR allow the comparison in several respects.
In general there are two ways of determining gas side mass transfer coefficients 
experimentally. Either by evaporating a pure substance into a carrier gas or by 
absorbing a gas into a liquid with a fast or instantaneous reaction. The latter eliminates 
the liquid side mass transfer resistance for the absorbed substance. Tab. 4.1 
summarises the various experimental investigations.
Many of the kga values reported in literature were part of the investigation of the 
effect of diffusivity on the gas side mass transfer coefficient; this has been studied by a 
couple of authors, all expressing the relationship as follows:
k„aaD" (4.5)
According to the two-film model n is 1. The penetration model and the random 
surface renewal model predict that n is 0.5, whereas the film-penetration model 
predicts that the exponent n lies between 0.5 and 1.
Gilliland and Sherwood (1934) evaporated nine liquids into turbulent air 
flowing in a wetted wall column. The equation predicts that the variation of the mass 
transfer coefficient with the diffusion coefficient is to the 0.56 power.
Similarly, in absorption of various solutes from an air stream into water, HOUSTON 
and WALKER (1950) found that n is equal to 0.67. However, at the highest liquid rates 
investigated, the exponent is virtually zero, indicating no effect of the molecular 
diffusivity on kga. SHULMAN et al. (1952) evaporated naphthalene into air. By 
resolving kga into its components kg and a, kg was found to be proportional to the 
diffusivity to the 2/3 power. Lynch and Wilke (1955) evaporated water into air, 
helium and Freon-112 in a packed column. Their experiments indicate that at a 
constant ratio of G/p, kga is proportional to (pD/p)0,9. The effect of diffusivity on kg 
was also studied by Mehta and Sharma (1966). They report kga values in a bubble 
column for various combinations of carrier gases and absorbed or evaporated 
substances. They found that the kga values vary as the 0.5 power of the diffusivity 
under similar hydrodynamic conditions.
Dependence of gas side mass transfer coefficients on diffusion coefficients
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Tamir and Merchuk (1978) conducted experiments in a stirred tank on 
evaporation of pure liquids into various carrier gases, yielding coefficients kg 
proportional to the binary diffusivity raised to the power 0.684 (~ 2/3).
There is more data on performance of distillation trays but essentially they all 
discuss the subject in a very similar way. It is clear that there is no unambiguous 
conclusion that can be drawn on the effect of diffusivity on the gas side mass transfer 
coefficients. This basically means that they have to be measured for the particular 
system under investigation.
Values of gas side mass transfer coefficients
Generally the gas side mass transfer resistances determined in most of the studies 
described above and summarised in Tab. 4.1 are in the order of 10~4 s' 1 except in two 
works: VlDWANS and Sharma (1967) found values in the order of 10‘ 3 s' 1 for the 
absorption of ammonia into water in a packed column. OLDSHUE (1983) measured a 
range from 10"4 to 10 2 s1 carrying out his experiments in an STR equipped with single 
6  and 8  inch Rushton turbines.
The absorption of ammonia into sulphuric acid was carried out by Mehta and 
Sharma (1966) with three different carrier gases (nitrogen, Freon-12 and Freon-114) 
in bubble columns leading to similar gas side mass transfer coefficients in the order of 
1 0 ' 4 s'1.
The absorption of air-carbon dioxide into aqueous solutions of sodium hydroxide 
resulted in values of about 1 0 ' 3 s' 1 in a packed column.
These results will be used as yardsticks to compare against the experiments and 
investigations of the present work.
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4 .2  E x p e r im e n t a l  D e t e r m in a t i o n  o f  M a s s  T r a n s f e r  C o e f f i c i e n t s  f o r  W a t e r  
E v a p o r a t i o n
4 .2 .1  I n t r o d u c t i o n
The following describes the investigation of the evaporative mass transfer of water 
from a nearly boiling liquid into a sparged air stream. The vessel was filled with 
distilled water, hence there was no mass transfer resistance of water to the surface, if 
any superheat in the water is neglected. In this case the mass transfer rate restricting 
resistance essentially lies on the gas side.
After allowing the system to stabilise, the sparged agitated reactor, operated at a 
constant heat input, impeller speed and air flow rate, reaches a state of equilibrium 
when a certain temperature is established. This temperature depends significantly on 
the air flow rate, and marginally on the atmospheric pressure, and implies that the gas 
outflow is saturated. A higher air flow rate leads to a lower equilibrium temperature as 
shown qualitatively for a constant atmospheric pressure in Fig. 4.1 and derived in 
Eq. 2.16. As more air is sparged into the water more evaporation takes place and the 
heat necessary for this results in the water being cooled as the actual partial pressure of 
water falls below the saturation pressure, corresponding to the liquid temperature.
Both mass transfer as well as the vapour pressure depend on the temperature:
Pw ~ Pw(T) => \ = f f i w ( T ) '  (4.6)
with pwv as vapour pressure of water and rhw as mass flux of transferred water.
The temperature decreases until 
the vapour pressure and the partial 
pressure of water in the gas phase are 
equal. This equilibrium temperature 
depends greatly on heat input and gas 
flow rate. The larger the heat input 
the higher the equilibrium 
temperature due to a higher partial 
pressure of water in the gas phase 
whereas an increase in gas flow 
causes the opposite effect.
Figure 4.1: Final steady state temperature as a result 
of varying heat inputs and gas flow rates
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The steady state heat balance for this situation gives
Q  heaters “  ’ A H v +  Q ioss +  Q dis (4 .7 )
with Qheaters as heat input, Qloss heat loss and AHV latent heat of water and Qdis the
energy input through the shaft introduced into the system by energy dissipation.
The only unknown variable in this equation is the heat loss. Thus it can be 
calculated for different temperatures. However, it has to be remembered that this 
calculated heat loss consists of two parts. Firstly there is the direct heat loss through 
the wall of the vessel and secondly vapour may condense below the vessel lid or in the 
line leading to the condenser. Both of these can lead to different errors which will be 
discussed as they occur in the different experimental investigations.
As already mentioned above, the mass transfer of water into the vapour phase 
follows the relationship
N„ =k -a-Ay, -VSTR-— (4.8)
v id
where the driving force Ayiog is the log mean driving assuming plug flow of the gas 
phase and uniform liquid composition in the reactor, and in this case temperature (e.g. 
in Oldshue, 1983):
1 (Pw “ Pin “ (pw  - P o u l) )
Aylog= A a  (4.9)
P Mm ) P w - P i ,
P w P out
with patm as atmospheric pressure and pin and pout as inlet and outlet partial pressure of 
water respectively.
By assuming the initial humidity of the ambient air to be negligible compared to the 
vapour pressure at high temperatures, Eq. 4.9 is reduced to
Ay,os =%------------O — . (4.10)
Pa.m , Pw
V _
P w P out
If the gas phase at the reactor outlet is not saturated the mass transfer coefficient 
can be calculated by using the mass transfer rate at an equilibrium point:
• a = • In - T v H^ / ■ r alni - 1ULil lg ils (4 11)
g - M  V '
Pwlt o  ^ P atm ^  idea Ig as
p ; ( t „ ) I -  Pout Pout V SXR
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If the gas phase is virtually saturated another method of determining the mass 
transfer resistance must be applied. If the system is disturbed from equilibrium by 
increasing the air flow rate the mass transfer resistance determines the rate of 
temperature change and the heat balance is as follows:
M r
Q heaters =  ( ^ w  \  ' A H v +  ( ™ w  ' C p w +  CpT )
dT
dt
+ Qloss (4.12)
/  ti
with mw as liquid volume of the reactor, cp as heat capacity of the water, cpr the heat
capacity of the reactor (which can be determined by comparison of the cooling and 
heating-up rate at a certain temperature, see Appendix Chapter A 4.2), and dT/dt is the 
temperature gradient with time at a certain time ti. Compared to the very large 
amounts of heat supplied, the mechanical energy input through the agitation is 
insignificant and can be neglected.
The air flow rate change leads 
to a new equilibrium temperature.
This causes the temperature to 
decrease exponentially, as shown 
in Fig. 4.2.
The mass transfer coefficient 
can then be estimated as described 
in Eq. 4.11 by using the average
temperature and the condensate Figure 4.2: Temperature over time
mass flow between two
consecutive points. An estimation of the heat loss is given in Chapter A 4.3.
4 . 2 .2  E q u ip m e n t
The experimental arrangement described in Chapter 2 was also used for the following 
investigations.
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4 . 2 .3  E x p e r im e n t a l  P r o c e d u r e
In order to quantify kga a gas side mass transfer resistance controlled state had to be 
generated. This was achieved in two different ways.
The first series of experiments was carried out with heaters operating where an 
equilibrium was disturbed by an instantaneous increase of the gas rate. The system was 
operated at a given air rate until the bulk liquid temperature was constant. Then the 
gas rate was changed to a new value and the temperature in the liquid bulk was 
recorded until a new equilibrium was reached. After being loaded with water vapour 
the gas phase was condensed at the outlet and the mass flux of the condensate was 
determined for a certain interval by weight measurement.
The second series is based on the operation of the hot stirred tank without any 
continuing heat input. Here the temperature decrease due to agitation and sparging 
was monitored and compared to the temperature drop measured without sparging.
4 . 2 .4  C a l c u l a t i o n  o f  k ga
Hot gassed experiments with heat input
There are two ways that the outlet partial pressure of water could be determined: 
either from the condensate rate, using this as the total amount of evaporated water, or 
from the temperature drop of the liquid bulk. The ratio of vapour generation to the gas 
rate at the inlet gives the partial pressure of water in the outlet. Once the outlet partial 
pressure had been calculated the gas side mass transfer coefficient kga was determined 
according to Eq 4.11. In this case for every mass flux measurement the bulk liquid 
temperature at the middle of the condensate collecting interval was used to determine 
the water vapour pressure. The inlet partial pressure of water was neglected due to the 
low saturation pressure of water at ambient temperatures.
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£ x p r s 'iH * c s ) 'f c s  iv r f / f e u lR  J t c a i ' flfyayT *"
Analogously to the first series, a log mean driving force was used to calculate kga. The 
cooling curve for a gassed vessel experiment and a reference curve for an ungassed 
experiment were fitted according to the exponential equation
T(t) = a + b • exp(-c • t). (4.13)
Calculating the temperature gradient 5T/8t at a certain temperature and subtracting the 
unsparged heat loss at that temperature the amount of evaporated water and hence the 
outlet partial pressure of water were calculated. A discussion of the experimental 
errors is given in Appendix Chapter A 4.3.
4 . 2 .5  E x p e r im e n t a l  R e s u l t s  in  t h e  B o i l i n g  S y s t e m
Various changes in flow rates were carried out. Fig 4.3 shows the example of a 
temperature change over time for air flow rate changes from 15 to 701/min at various 
heat inputs between 
2.75 and 8.25 kW.
Other results are 
illustrated in Appendix 
Fig. A4.1 and A4.2 
(see Tab. A4.1 for 
values).
The higher the 
heat input was, the 
higher were the initial 
and final temperatures
i i
* 1 h ea te r  (2 .7 5 £ t «/ /  
«  2  h e a te rs  (5 .5  k W )
»  3  h e a te rs  (8 .2 5  k W )
• o ld  h ea te rs  (3 .7 5  k W )
k
ft k
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Figure 4.3: Temperature as a function of time for experiments 
with an air flow rate change from 15 to 70 1/min
since more evaporated water corresponds to a higher vapour pressure.
Generally a higher heat input leads to a faster temperature drop and a higher final 
temperature compared to the initial conditions. Tests at different impeller speeds 
showed the expected independence of equilibrium and impeller speed.
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Fig. 4.4 shows the kga values for a change of flow rate from 15 to 70 1/min (heat 
input 5.4 kW) calculated on the basis of the condensate rate and temperature gradient 
respectively (see also Tab.
A 4.2 for values).
They are in 
reasonable agreement and 
at values between 0.04 
and 0.07 s' 1 increasing 
with the temperature. 
This is due to the change 
in the transferred mass 
and the driving force 
according to the liquid 
bulk temperature.
g 3.0E-02
as
J?
•
. 1
%
• • I * * 4 based on condensate rate 
• based on heat loss
....
90.5 91 91.5
temperature / “C
Figure. 4.4: f tp  a  \/® C u g $ versus time for experiments with 
an air flow rate change from 15 to 70 1/min
The mechanism of evaporation affects the mass transfer characteristics in terms of 
bubble size. Either the evaporation takes place at the heaters where bubbles of 
relatively small size are produced without affecting the size of the sparged bubbles or, 
assuming an homogeneous temperature of the bulk liquid, they evaporate into the 
sparged air bubbles and enlarge them. The diffusion coefficients for water in air can be 
assumed constant in these conditions and temperature ranges.
Fig. 4.5 shows a
comparison of kga values 
for different air flow rate 
changes based on the 
condensate rate in the 
temperature range from 94 
to 95.6 °C.
However, it is still 
questionable as to whether 
the above data are really a 
result of gas side mass 
transfer resistance or a
6.01 E-02
5.01 E-02
4.01 E-02
3.01 E-02
2.01 E-02
1.01 E-02
6.00E-05
i
♦ ta* a a
• • »
•
♦ 10 to 20 I/m in (2.75 kW)
* 10 to 15 l/min (2.75 kW)
• 15 to 70 l/min (2.75 kW)
94 94.2 94.4 94.6 94.8 95
temperature / C
95.2 95.4 95.6
Figure 4.5: Estimated kga values versus temperature for 
different air flow rate changes
consequence of the sensible heat response of the tank.
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For the liquid side 
conduction of heat Fig. 4.6 
gives additional information for 
the theoretical investigations.
The experimental temperature 
drop is totally independent of 
impeller speed as far as 
without agitation. This implies 
that the gas phase always 
leaves the tank saturated and at 
no point over the range of
conditions, from without agitation to sparging rates of up to 125 1/min, does the liquid 
side heat transfer resistance dominate the gas side mass transfer resistance.
• 1 0 0 1/min 
.  200 I/hi in
100 150 200
Im p e lle r  s p e e d  / rpm
Figure 4.6: Temperature drop versus impeller speed for 
different sparging rates
4 . 2 .6  E x p e r im e n t a l  R e s u l t s  w i t h o u t  H e a t  I n p u t
The basis for this series of experiments was the determination of the heat loss in a
stirred but unsparged state. o„  ______________________ _____________
Fig. 4.7 shows the
0.25  ----------------------------------------------------------------------------------
temperature drop over time 8
Q. 0.2 -— ------------------------------------------------------------------------------o «
for an impeller speed of 250 *  ™ I
5 0.15-------- -----------------------------------------------------------------------------
rpm. Besides, no significant f ...
Q, • ♦ ♦♦♦*♦ ♦ ♦£ 0.1 •  ----------------------------
dependence of the cooling -
0.05--------------------------------------------------------------------------------------
rate on the impeller speed
above 150 rev/min was ° 0 20 40 eo so 1 0 0 1 2 0
time / min
observed.
The sparged cooling Figure 4,7: Cooling rate over time for the stin'ed ( 2 5 0  ’T11)
unsparged vessel
experiments were carried out
as described above for two different sparging rates: 30 and 701/min. Fig. 4.8 shows the 
cooling rates versus temperature, including the unsparged results because the amount
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of evaporated water was calculated using the difference between sparged and 
unsparged at a certain temperature.
E  2.5 
O
♦ u n spa rged  
a 30  1/min
•  7 0  1/min
• A
•
•
A
•
*  .
•
A
•  <
A
•  •
.  *
AA A
A
• V ,  ,
.  m  ' A A A *
a a a a
k
ON*
86  88  9 0  92  9 4  9 6  98  100
temperature / °C
Figure 4.8: Experimental cooling rates versus 
temperature for unsparged conditions
As expected the 70 1/min values lie above those for 301/min due to a larger capacity of 
the system to remove water in the saturated or near saturated gas outflow. This has 
been confirmed by the calculation of the values for the gas side mass transfer 
coefficients kga, which are illustrated in Fig. 4.9.
For this calculation the cooling curves were fitted by a logarithmic relationship 
according to the theory. The peak occurring for the lower sparging rates is believed to 
be an effect of the fitting process.
The values are in general
agreement with the values 
obtained in the preceding 
measurements including heat 
input. The order of 
magnitude was confirmed to 
be about 1 0 " 1 s'1, which is 
again significantly higher 
than the usual values for the 
liquid side mass transfer 
coefficients.
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Figure 4.9: Estimated kga values for 30 and 
701/min versus time
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4 . 3  A b s o r p t i o n  o f  A m m o n ia  i n t o  A q u e o u s  P h o s p h o r i c  A c i d
4 .3 .1  I n t r o d u c t i o n
In order to investigate the gas side mass transfer resistance in a stirred tank reactor a 
reaction system had to be found which meets following requirements:
fast irreversible reactioirensure the transfer resistance lies on the gas side 
one component with a considerably higher boiling temperature at atmospheric 
pressure than water to keep it in the liquid phase even at boiling conditions 
- the other substance with a considerable partial pressure at reaction conditions and a 
certain solubility in water
The system chosen for these experiments was the absorption of ammonia, carried 
in a nitrogen stream, into aqueous phosphoric acid.
4 . 3 .2  R e a c t i n g  S y s t e m
Phosphoric acid is an acid of medium strength which can donate three protons. It 
occurs mainly in two different types. In cold water meta-phosphoric acid HP03 is 
formed out of phosphor(V)-oxide, whilst in hot water or at an excess of water ortho- 
phosphoric acid H3PO4  is the dominant species. Hereafter the term phosphoric acid 
refers to ortho-phosphoric acid.
In molecular terms, the reaction taking place in the first stage is the combination of 
ammonium phosphate by one molecule of ammonia to one molecule phosphoric acid. 
Ammonium phosphate is very soluble in water, hence eliminates the risk of building 
deposits in the mixing vessel.
In terms of pH a phosphoric acid solution acts like a buffering solution. Eventually 
there are three reactions which are taking place consecutively:
stage 1: NHJ +H2 PO; (NH3 )H3 P04
primary or dihydrogen phosphate
stage 2: 2NH4 +HPOf ++ (NH3 )2 H3 P04
secondary 0 1 * hydrogen phosphate
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stage 3: 3NH4 + P03~ o  (NH3 )3 H3 P04
tertiary phosphate
These stages can be detected as shown in Fig. 4.10 for a continuous titration of NaOH 
into phosphoric acid. This titration curve shows two steps at pH 4.5 and pH 9. The 
experiments of this work were all carried out in the phosphoric acid excess regime at 
pH values far below 7.
For the first step 
phosphoric acid has a p K s 
of 1.96 (hence Ks= 91.2), 
which is an indication for 
its acidity. Since the 
entropy difference gets 
more and more negative 
for each step, the acidity 
for the last two steps is 
very small. In a pH range 
from 6.5 to 7.5 mixtures of primary and secondary phosphate act as buffer solutions.
4 criterion for an instantaneous reaction from Westerterp et al. (1993) e s
- Db Cr—»  2 (4.14)
V B ‘ ^ A  ' C Ai
with Da and DB as diffusion coefficients of A and B in the liquid phase, v B  the 
stoichiometric coefficient for B in the reaction equation, cB the bulk concentration of 
substance B in the liquid and cAi as the concentration of A at the gas-liquid interface. 
With v B  = 1 and assuming that the ratio of the diffusion coefficients is unity Eq. 4.14 is 
reduced to the ratio of the concentrations.
The minimum value will be the ratio of the bulk concentrations of A and B. With 
minimum 5 % phosphoric acid in the bulk liquid and a maximum of 1 % of ammonia in 
the gas phase this will always be above five. Furthermore the gas-liquid equilibrium 
will determine the interface concentrations. The solubility of ammonia at high 
temperatures is very small. Therefore the assumption of an instantaneous reaction will 
be valid throughout the range of conditions during the experiments of this work.
mol® NaOH par mote phosplhieric acid 
Figure 4.10: Titration curve of ortho-phosphoric acid
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4 .3 .3  E x p e r im e n t a l  A r r a n g e m e n t
Fig. 4,11 shows a flow diagram of the mixing rig used for above described mass 
transfer experiments.
For the gas side mass transfer resistance measurements the ammonia stream was 
produced by blending two streams. The line was split downstream of the nitrogen 
cylinder, one was a stream of pure nitrogen and the other leading through the saturator 
and an absorber (for analysis) before being combined in a 30 cm long tube with 4 mm 
inner diameter acting as static mixer.
condensate flux and
conductiv ity  m e a s u re m e n t
— ©
container
side inlet
c o n d e n s e r
absorber condenser
h 2o
h ,p o <
nitrogen
cylinder
static mixer 
absorber
I
—(pT) safety valve
HjO
NHS
Figure 4.11: Schematic diagram of the mass transfer rig
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design
As is shown in Fig. 4.12 the saturator was a cylindrical 
tube of 200 mm inner diameter and 600 mm height. In 
operation the liquid volume was about 20 1. The sparger 
houses a sintered glass disc of 1 2 0  mm diameter with a 
porosity of 0  which acts as gas distributor.
The temperature in the saturator was measured by 
means of a common Pt 100 resistance thermometer, 
mounted in a side inlet close to the bottom. At the side 
outlet of the saturator a 400 cm water column to set a 
safety over-pressure limit was provided. The pressure 
tests were carried out by filling the saturator with water 
and then applying the set pressure.
A description of the mixing vessel itself including the sparging mechanism and the 
heater arrangement has already been given in Chapter 2. A 180 mm Rushton turbine 
was used for all the experiments and it was mounted at a submergence of 300 mm. The 
gas and vapour stream from the reactor passes through the condenser where 
condensate is collected; the gaseous outflow goes into a watersealed vacuum line to 
prevent any release of ammonia to the 
atmosphere. An auxiliary air inlet just 
before the gas enters the vacuum line 
ensures that a significant underpressure 
in the reactor is avoided.
A sample stream was taken from an 
outlet in the lid through a small Figure 4.13 Sparger with sintered glass disc
condenser and then to another absorber. This flow was induced by a membrane pump. 
The pressure drop across this arrangement might have created a small underpressure in 
the absorber but was assumed not to have any <sffect on the absorption conditions.
The temperature was measured in the two absorbers, the saturator, and the stirred 
tank reactor. The temperature measurement in the vessel is described below.
The pressure was measured above the saturator by means of the water column 
which provided a simple pressure relief. The measurements were used to correct the 
flow rates to atmospheric conditions.
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The flow rates are measured for the saturator outflow, the pure nitrogen flow in 
the split line, and the overall nitrogen flow by means of calibrated rotameters.
The analysis of ammonia in the condensate was carried out by measurement of the 
electrical conductivity. Especially designed absorbers (see Figs. 4.14 and 4.15) provide 
the establishment of a gas-liquid equilibrium state.
Two differently built absorbers for different requirements were designed. 
Generally, the smaller the liquid volume of an absorber is the more sensitive is the 
arrangement to changes in ammonia concentration in the gas stream.
The first absorber, shown in Fig. 4.14 
was designed to be integrated into the 
ammonia feed line. During operation the 
conductivity reading will not change unless 
the ammonia concentration in the saturator 
changes significantly.
It was built from a t-shaped glass tube 
with a vertical length of 200 mm. The probe 
was mounted in the side arm and protruded 
into the main stream. The PTFE cylinder and 
the glass beads are provided to reduce the total liquid volume to about 2 0  ml in 
operation. The beads enhance the gas-liquid mass transfer and lead to a faster approach 
of the equilibrium conductivity. The air was sparged into the absorber by means of a 
conventional finger diffuser. The temperature was out[ef 
measured with a Pt 100 resistance thermometer. ,__
For the lower concentrations of ammonia in the 
outlet streams a differently designed absorber was 
used as shown in Fig. 4.15.
The conductivity probe was mounted into a glass 
tube by means of a rubber bung. The glass tube with 
an inner diameter of 21 mm, leaving a gap of about 4 
mm between probe and wall, has two side inlets with 
an inner diameter of 1 mm each.
PtlOO (ceram ic)
t t
f t o
rubber bung
conductiv ity
probe
i h -  iniet 
•rubber bung
Figure 4.15: Absorber for 
outlet analysis
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The orientation of the probes was such that the inlet holes in the probe head were 
at 90° to the absorber inlet in order to prevent gas entrainment into the electrode body. 
The rising bubbles generated a convective current which permanently renewed the 
sample liquid between the electrodes without carrying gas into that gap. The 
temperature was measured at the top of the absorber with a PtlOO resistance 
thermometer enclosed in a ceramic shell. The liquid volume in the completely filled 
absorber was 50 ml.
The liquid exchange between outer and inner volume of both absorbers was 
checked by adding about 1 ml of phosphoric acid onto the top liquid surface (absorber 
filled with pure distilled water) and recording the conductivity change by sparging pure 
air at the normal operating rate (about 3 1/min) into it. The readout came to a constant 
value well below 1 minute.
P r o b e s
For the conductivity measurements the following probes with identical dimensions but 
different sensitivities were used:
Cole Parmer G-05562-50 K=1 (outlet analysis)
Cole Parmer G-05562-82 K=0.098 (inlet analysis)
The K value (cm'1) indicates the slope of the response to conductivity change (the 
lower K is the more sensitive is the probe). Figures A4.7 and A4.8 in the Appendix
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Figure 4.16: Response characteristics of the inlet absorber
show the calibration curves of both electrodes in the distilled water/ammonia system at 
ambient temperature. The calibration curves show non-linear behaviour at low 
ammonia concentrations below 2 0 0  ppm (for accurate determination of the ammonia 
concentration in the lower region a graph was used).
The temperature does not have any significant influence on the conductivity in this 
system as long as it does not vary far from ambient temperature (20 °C ± 5 °C).
The experimental configuration was tested with bench experiments. It was 
observed that the conductivity increased continuously by sparging either air or the 
saturator outflow through the absorber. The conductivity increased to a value indeed 
higher than the equilibrium according to the ammonia concentration in the saturator. 
The pH value decreased significantly. This indicates a reaction of the ammonia with an 
acidic substance. The ambient air probably contained some C02, SOx, and NOx. To 
eliminate this effect the experiments were subsequently carried out with ‘zero grade 
nitrogen’ as carrier gas.
Fig. 4.16 shows the conductivity change with time in the inlet absorber at a flow 
rate of 1.51/min by using the absorber described below. The first series of 
measurements shows an absoiption of ammonia from about 145 (U.S to an equilibrium 
of 174 |iS within about 140 min. The second series shows a desorption process from 
200 jiS to about 160 p.S within 180 min. The different final values were due to 
different temperatures in the absorber as well as in the saturator.
Since the off-gas sample line acts as a partial condenser a calibration which is 
illustrated in Fig. 4.17 was carried out.
This calibration includes 
data of ammonia desorption 
for various heat inputs up to
8.1 kW, with ammonia 
concentrations in the gas 
phase up to 2 2 0 0  ppm, and 
flow rates up to 621/min.
The equation displayed in 
the figure is the linear 
regression relationship for 
the conversion of the
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experimental concentration in absorber/ppm
Figure 4.17: Calibration of ammonia analysis
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experimental conductivity to the calculated concentration which was applied for all off- 
gas analyses.
ring sparger dip pipe
Figure 4.18: Location of the in- and outlets in top view
Fig 4.18 shows the sampling points for experiments using the ring sparger as well as 
further experiments with a dip pipe of varying submergences in a top view of the vessel 
cross section.
Due to the central location of the ring sparger the vapour concentration 
distribution can be assumed to be independent of the location of the sampling point, 
whereas for the dip-pipe experiments the location of the sampling point was changed in 
order to avoid an escape of the off-gases through the condenser. In addition to this the 
impeller rotation was chosen to be anti-clockwise (from top view). This means that any 
ammonia being brought to the surface at the injection point would first flow past the 
sampling point rather than escaping through the condenser line.
4 . 3 .4  E x p e r im e n t a l  P r o c e d u r e  a n d  C a l c u l a t i o n  o f  k ga
An ammonia/nitrogen stream was sparged into the stirred tank reactor. The feed 
ammonia concentration was determined in the usual way by taking part of the saturator 
outlet stream through the first absorber. The conductivity reading was taken after the 
ammonia concentration had reached steady state.
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By knowing the conductivity of the liquid, the ammonia concentration can be 
determined according to the calibration curves in Appendices A4.7 and A4.8. With the 
temperature, the ammonia concentration in the gas phase can be calculated. 
Equilibrium data for the water/ammonia system with ammonia concentrations down to 
5 mole-% were taken from Perry (1988). Since for safety reasons low concentrations 
are required, the equilibrium values for the gas composition, according to the liquid 
temperature and composition, were determined by linear interpolation (Henry’s law) 
from 5 mole-% to zero.
In operation the ammonia concentration in the saturator decreased gradually. 
Including the saturator liquid volume of 20 1 and a maximum gas flow rate through the 
saturator of 2 0  1/min, the following calculation describes the extent of this change:
max. relative change 4  sat max 1 mol/min . .
----------------------------------------- =---------------------= 0 . 1  % / mm
time nw 1 0 0 0  mol
This means for example in the case of a liquid phase containing 2 % ammonia that a 
relative change of 2 % would occur within 40 min, assuming a gas flow rate of 
101/min through the saturator. This justifies the assumption of a steady state 
experiment because the actual measurements were carried out over the course of a few 
minutes, after the reading of the analyser had stabilised (within the limits of the change 
discussed above).
Ammonia from the sparged feed was absorbed by the liquid phase and reacted 
immediately with the dilute phosphoric acid (about 1 mass-%) to form ammonium 
phosphate. The equilibrium temperature in the vessel was calculated by means of the 
relationship between heat input and sparging rate and used as vapour to fromveg„el
condenser
setpoint when heating up the vessel in order to start as close as 
possible to the final temperature. The readings were not taken 
until the temperature had reached equilibrium. The impeller 
speed and temperature in the bulk liquid were recorded.
The ammonia remaining in the off-gas was analysed by 
measuring the electrical conducitvity of the sample liquid
condensed in the side stream previously described. Figuie 4.19 Catch
pot lor sample lme
The condensate flux was determined by weight 
measurement.
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For higher flow rates a catch pot was fixed between the sample outlet from the 
vessel and the line leading to the condenser in order to prevent phosphoric acid getting 
into the sample line (Fig. 4.19). This was necessary because at high sparging rates and 
low impeller speeds the risk of splashing some liquid into the sample tube was 
relatively high. This is believed not to have affected the ammonia outlet concentration 
due to the relatively small amount of liquid in the catch pot and the location of the in- 
and outlet being very close to each other at the top.
The gas side mass transfer coefficients were calculated by using a mean 
logarithmic concentration profile:
assuming the ammonia concentration at the interface is zero due to the instantaneous 
reaction with phosphoric acid.
4 . 3 .5  E x p e r im e n t a l  R e s u l t s  -  R in g  S p a r g e r
Various experiments in the ammonia/phosphoric acid system were carried out: Heat 
inputs up to 8.1 kW, sparging rates between 10 and 100 1/min, feed gas concentrations 
of ammonia between 500 and 25000 ppm (2.5 mol-%), and stirrer speeds between 100 
and 300 rpm. All of them apparently led to a complete absorption of the sparged 
ammonia into the liquid phase at phosphoric acid concentrations which were high 
enough to ensure an instantaneous and complete reaction at the gas-liquid interface. 
The experimental arrangement and the safety requirements set the limits in terms of 
ammonia concentration in the feed gas (toxicity), sparging rate (maximum 
overpressure in the glass equipment), and heat input.
The lack of detectable ammonia in the off-gases leaving the reactor makes it 
impossible to determine the mass transfer coefficient unequivocally. However the 
sensitivity limit of the conductivity based analysis is assessed as being about 7 ppm of 
ammonia as the limit of detection.
kga = N
y NHj.out Vid
(4.15)
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Table 4.1: Estimated gas side mass transfer coefficients
fort le absoiption of ammonia into dilute phosphoric acid
no. kwa
(1/s)
flow
1/min
NH3 conc. 
inlet / (ppm)
heat input / 
(kW)
1 > 0.045 20.3 11961 5.5
2 > 0.046 20.3 15480 2.75
3 >0.047 20.3 20360 5.5
4 >0.081 44.2 3400 8.25
5 >0.108 55.3 5344 5.5
6 > 0.111 59.6 3774 2.75
7 >0.185 95.7 5423 8.25
8 >0.195 97 6591 8.25
9 >0.091 40 20360 8.25
By taking this as the maximum possible level in the sampled gas stream it has been 
possible to estimate an upper bound on the log mean driving force for mass transfer 
and hence determine a lower limit for kga for various experiments. These results give 
this limit for kga in the present equipment and reaction conditions rather than absolute 
values for specific conditions. They are summarised in Tab. 4.2.
The minimum value for kga found at conditions of sparging 100 1/min of 0.5% 
ammonia into the vessel agitated with 150 tpm and heated by three heaters, thus
8.1 kW, was
kga > 0.195 s"1 (4.16)
All other values obtained at different operating conditions were mainly an effect of 
mass balance and reduced or increased concentration gradients due to different inlet 
concentrations and total ammonia inputs. Hence they can be used as a yardstick for the 
corrsponding conditions and experimental equipment of this work.
This result made it desirable to operate under conditions in which there would be 
ammonia remaining in the off-gas. Such an incomplete absorption can be achieved by 
using a dip-pipe at varying depths which leads to reduced residence times of the gas in 
the vessel and hence reduced mass transfer.
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4.3.6 Experimental Results- Dip Pipe
Three series of dip pipe experiments with dilute ammonia sparged into boiling aqueous 
phosphoric acid were carried out, using different heat inputs and boil-off rates. 
Experimental conditions and results are summarised in Appendix Chapter A 4.5. The 
effective heat inputs vary from 2.7 to 8.1 kW and ammonia feed concentrations are all 
within the range from 3.7 to 4.15 % (based on the ammonia concentration in the inert 
carrier gas). In order to increase the likelihood of remaining ammonia in the off-gas the 
ammonia was increased compared to the experiments described in Chapter 4.3.5. Since 
these values are higher than the safety limit imposed in much of the earlier work, 
additional measures had to be taken. These included an increased ventilation around 
the STR by means of extraction fans.
The impeller speed was kept constant at 250 rpm and the gas sparging rate at 
about 161/min. The submergences were varied from 0 down to ring sparger level 
(500 mm).
By maintaining a very short duration for the analysis, about five minutes (three 
measurements per data point) it was possible to provide a constant inlet concentration 
of ammonia in the feed stream. After each measurement the ammonia was topped up in 
the saturator to keep almost identical inlet ammonia concentrations.
Fig. 4.20 shows how the ammonia outlet concentrations (including the water 
vapour) versus submergence for all experiments as a semi-logarithmic plot. The values 
for every set of data (constant heat input but varied submergence) exhibit a linear
1 4------------ ------------------------- ------------------------- ------------ ------------ ---------------------------------------
0 50  100 150 2 0 0  2 5 0  3 00  350 400 45 0  500
submergence /  mm
Figure 4.20: Logarithmic ammonia concentration in the outlet versus submergence
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behaviour consistent with the assumption of a logarithmic vertical concentration profile 
in the gas phase. This confirms a logarithmic dependency between outlet concentration 
and residence time.
The values of the ammonia remaining in the outlet for zero submergence decrease 
with increasing boil-off rate, in accordance with the expected dilution effect. Assuming 
that the residence time of a bubble is proportional to the sparger submergence in the 
STR the slope of the line is an indicator for the mass transfer kinetics in the STR:
k ga • Aylog ~ A t ~ submergence => k ga~In yout
It represents the kga value. The line in Fig. 4.20 was fitted by linear' regression and 
gives following result for all boil-off rates and submergences:
k„a = 1.04-10"2 -  (4.17)
5 s
For this fitting process the near-surface injection experiments have been ignored 
since they are inevitably prone to large errors. This is especially the case at high boil- 
off, and therefore high gas flow, rates which lead to a very uneven liquid surface 
resulting into increased absorption.
Alternatively one can base the ammonia outlet concentration on the carrier gas 
ignoring the water vapour. This does not reflect the actual partial pressure of the 
ammonia in the outlet but gives an indication of the total amount of ammonia being 
transferred into the liquid phase. The conversion factors, for the comparison between 
the inlet concentrations with and without water vapour, are 4.33 for 1 heater (2.7 kW), 
6.84 for 2 heaters (5.4 kW) and 11.73 for 3 heaters (8.1 kW). But irrespective of how 
the ammonia concentration 
is defined, the slope of the 
semi-logarithmic curve 
does not change. Hence for 
the dip-pipe experiments 
the calculated kga values 
are independent of the 
choice of basis in the gas 
phase to express ammonia 
concentrations.
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Tab. 4.3 shows an example of a spreadsheet calculation for an absorption 
experiment. The different calculations are explained in detail in the following.
Generally shaded cells indicate values put in as experimental data. For example the 
first section pressure contains the values for the overpressure in the saturator in cm 
water column and the ambient pressure.
The input values in section 2 for the feed analysis (absorber 1) contain the absorber 
temperature and its conductivity. The ammonia concentration in the liquid and gas 
phase can then be calculated.
The section flow rates requires the temperature in the saturator and the scale 
values of the two rotameters for the pure nitrogen and the saturator flow in order to 
calculate the flow rates and as a result of this and the preceding section the feed 
concentration of ammonia.
The absorber II denotes the outlet analysis where the temperature and the 
conductivity in this absorber and the condensate flow rate are needed in order to get 
the liquid and gas phase concentrations of ammonia in the outlet and by knowing the 
molar fluxes the total concentration in the vapour leaving the reactor.
The balance part, although not specifically needed gives the total fluxes of 
ammonia into and out of the reactor.
The equilibrium concentration of ammonia in the gas phase in the vessel can be 
determined according to the liquid bulk temperature and the ammonia concentration, 
given by conductivity measurement.
As a last step the actual target value kga for these particular reaction conditions 
can be calculated using the logarithmic concentration profile of the bubble 
concentration between the in- and outlet mentioned above.
In a situation like that of the example where the measured concentration at the 
outlet and the equilibrium concentration in the gas phase (according to the temperature 
and ammonia concentration in the liquid bulk) are equal within the limits of the 
experimental accuracy, the gas phase has to be considered to be saturated. In order to 
calculate a mass transfer coefficient some finite concentration gradient has to be 
assumed. For the deviation from the equilibrium a value of 6 % (accounting for the 
error of the ammonia analysis, including the liquid transfer into bottles) was applied to 
establish the lower boundary of the mass transfer coefficients.
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Table 4.3: Example of a calculation spread sheet for an absorption experiment
date: 30/04/96 Nr:
pressure:
over ambient 
pressure pressure 
cm H20 mm Hg
absorber I: ammonia ammonia
conduct. in liquid gas phase
temp / °C |a,S [ppm] [ppm]
15 850 16750 13659
flow rates: ammonia
temp pure nitrogen saturator into
sat scale flow scale flow vessel
C 1/min 1/min ppm
15 0 0.00 13 19.26 13659
absorber II:
K=1
liquid phase ammonia condensate ammonia
temp. conduct. cone rate time liquid
°C pS ppm g s mol/min
17.8 219 792 449 300 3.95E-03
gas phase ammonia ammonia
temp, ammonia in gas out
°C ppm mol/mi n ppm
17.8 760 6 .15E-04 1384
balance: eauilibrium:
ammonia ammonia vessel vessel
into out temp conduct.
mol/mi n mo 1/min °C |iS
1.1 IE-02 4.57E-03 95.82 96.2
ksa value kga
1/s
1.68E-02
vessel
ammonia
ppm
84
sat. gas 
over liq.
ppm
1304.531
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4.4 Absorption and Desorption of Ammonia into and from Boiling Water
In addition to the above experiments the absorption and desorption of ammonia into 
and from hot water, which includes the liquid side mass transfer resistance were carried 
out. Overall mass transfer coefficients Kga were determined and, after estimating 
values for kja using a generally accepted relationship, the gas side values kga were 
calculated.
4.4.1 Equipment and Experimental Procedure
The same experimental equipment as described in the previous chapter including the 
facilities for ammonia analysis was used to carry out these experiments.
The ammonia concentrations in the reactor were also determined by conductivity 
measurement. Samples were taken from a hole in the lid using a 50 ml pipette, with its 
tip positioned about 10 cm above impeller level. The sample was immediately 
transferred into small glass bottles which were closed and cooled down to ambient 
temperature. This procedure minimises the loss of ammonia during analysis.
4.4.2 Calculation of Kga
Applying a logarithmic concentration profile for the ammonia concentration over time 
in the gas phase the gas side mass transfer was calculated by
ln y  N H 3,sat y  N H j.in
I ,  „    v r  y N H 3 ,snt y N H 3 ,o u t V id e a lg a s  fA 3 OA
g n h 3     ----------- ( 4 . 1 8 )
y  N H 3,iu  y N H 3>out STR
with yNHvsatas the ammonia concentration at the interface according to the ammonia 
concentration in the liquid and operation temperature.
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4.4.3 Results
In order to calculate gas side mass transfer resistances from absorption and desorption 
experiments an estimation of liquid side mass transfer resistance is required. The 
correlation for lqa used was taken from M i d d l e t o n  (1 9 9 2 ) , using a technique 
involving transient liquid and exit gas concentration measurements for a ‘non­
coalescing system’ (air-water) at 2 0  °C :
k,a = 1.2 Et
A0-7
v°6 (4.19)
with Pg the power draw in kW and V) as the liquid volume in in3 and vs the superficial 
gas velocity in m/s.
Experiments carried out in ab- and desorption all produced saturated outlet gas 
streams corresponding to the ammonia concentration in the vessel within the limits of 
the analytical procedure.
An incomplete absorption or desorption is needed in order to calculate mass 
transfer coefficients. The outlet concentrations assumed deviate from the equilibrium 
by the estimated accuracy of the analysis, i.e. about 6 %. These results only allow one 
to give minimum values for the overall mass transfer coefficient Kga therefore.
As an example for an absorption process with the vessel liquid volume Vi of 80 1, a 
power draw of the gassed liquid Pg of 0.04 kW for representative conditions at a 
superficial gas velocity vs of 0.05 m/s (corresponding to 8 0 1/min) one can calculate kia 
as equal or greater than 0.12 s’1.
Table 4.4: Mass transfer coefficients and conditions for absorption experiments
S eries  1
no. Kga /( l /s ) kia / (1/s) 
calc.
k g a /(1/s) NH3 inlet 
/ ppm
NH3 in vessel 
eq. / ppm
1 >3.30E-02 4.69E-02 >3.46E-02 8230 187 flow rate
2 >2.89E-02 4.69E-02 >3.01E-02 8230 320 19.25 1/min
3 >2.69E-02 4.69E-02 >2.79E-02 8230 390 temp.
4 >2.39E-02 4.69E-02 >2.47E-02 8230 469 96.06 °C
5 >2.19E-02 4.69E-02 >2.26E-02 8230 547 heat input
6 >1.91E-02 4.69E-02 >1.96E-02 8230 656 5.4 kW
7 >1.87E-02 4.69E-02 >1.92E-02 8230 703 imp. speed
8 >1.63E-02 4.69E-02 >1.67E-02 8230 718 250 rpm
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All experiments with conditions and results are summarised in short overviews in Tab.
4.4 to 4.6 and in detail in Tab. A4.4 and A4.5, and illustrated in Appendix Figs. A4.9 
to A4.11 in terms of overall, liquid and gas side transfer coefficient (calculated from 
power draw measurements).
For the aqueous absorption experiments three main series were carried out. The 
first one with a constant flow rate of 19.25 1/min and a heat input of 5.4 kW, hence a 
constant temperature of 96.06 °C, an impeller speed of 250 rpm, and an ammonia inlet 
concentration of 8230 ppm. Because of the constant flow rate and impeller speed the 
calculated kia values were all the same (4.69*1 O'2 s'1) and the different gas side mass 
transfer coefficients were all a result of the varying overall coefficients.
This is due to different concentration gradients because of varied ammonia 
concentration in the liquid phase over the course of this series of experiments.
T able 4.5: M ass T ransfer coefficients and conditions fo r absorption  experim ents
S eries  2
no. K ga/(1/s) kia / (1/s) 
calc.
kga /( l /s ) NH3 inlet 
/ppm
NH3 in vessel 
eq. / ppm
9 >2.21E-02 4.69E-02 >2.28E-02 13660 854 flow rate
10 >2.12E-02 4.69E-02 >2.18E-02 13660 978 19.25 1/min
11 >2.04E-02 4.69E-02 >2.10E-02 13660 1056 temp.
12 >1.97E-02 4.69E-02 >2.02E-02 13660 1118 95.82 °C
13 >1.91E-02 4.69E-02 >1.96E-02 13660 1180 heat input
14 >1.86E-02 4.69E-02 >1.91E-02 13660 1196 5.4 kW
15 >1.81E-02 4.69E-02 >1.86E-02 13660 1227 imp. speed
16 >1.73E-02 4.69E-02 >1.77E-02 13660 1258 250 rpm
17 >1.68E-02 4.69E-02 >1.72E-02 13660 1305
18 >1.65E-02 4.69E-02 >1.69E-02 13660 1320
19 >1.59E-02 4.69E-02 >1.63E-02 13660 1351
The second series of absorption experiments is a continuation of the first one and 
includes measurements with a constant flow rate of 19.25 1/min and a heat input of
5.4 kW, hence a constant temperature of 95.82°C (the difference to the first series is 
due to different ambient pressure), an ammonia inlet concentration of 13660 ppm and 
an impeller speed of 250 rpm. The equilibrium ammonia concentrations in the gas 
phase according to the ammonia concentration in the liquid phase and the temperature 
increase gradually from 854 up to 1351 ppm and therefore the Kga and kga values as 
well.
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The third series was carried out with an increased heat input of 8.1 kW total, a 
flow rate of 91.46 1/min, an ammonia concentration at the inlet varying between 
34930 ppm and 41510 ppm, and an impeller speed of 150 rpm. The purpose of that 
series was to provide the worst possible absorption conditions: low impeller speed, 
high flow rate and high heat input, hence high reflux. They represent the experimental 
limitations of the present equipment in terms of heat input, ammonia concentration and 
flow rates and led to a saturated outlet composition resulting into minimum kga values 
between 5.41T0'2 and 1.25T0'1 s'1.
Table 4.6: Mass Transfer coefficients and conditions for absorption experiments
S eries  3
no. K ga/(1/s) kia/ (1/s) 
calc.
kga /  (1/s) NH3 inlet 
/ppm
NH3 in vessel 
eq. / ppm
20 >1.04E-01 4.87E-02 >1.21E-01 34930 921 flow rate
21 >1.07E-01 4.87E-02 >1.25E-01 41510 1233 91.461/min
22 >9.98E-02 4.87E-02 >1.15E-01 34930 1427 temp.
23 >1.04E-01 4.87E-02 >1.21E-01 41510 1765 89.0 °C
24 >1.03E-01 4.87E-02 >1.19E-01 41510 1882 heat input
25 >5.05E-02 4.87E-02 >5.41 E-02 35840 5697 8.1 kW
imp. speed
150 rpm
Based on the previous single bubble experiments and the rapid saturation of the 
bubbles with water, alternative gas side mass transfer coefficients using a corrected 
inlet concentration were calculated. Here the ammonia concentration at the inlet or the 
log mean driving force is based on the overall amount of gaseous components 
(including water vapour). Due to the corrected inlet concentration of ammonia the 
driving force is reduced dramatically and therefore the kga values are by about one 
order of magnitude larger. This again would indicate that the gas side resistance is 
insignificant compared to the liquid side resistance in these absorption experiments of 
ammonia into hot water.
However, it will still depend on the vessel geometry (sparging mechanism and 
location) whether the assumption of an instantaneously saturated gas phase is justified. 
In addition to this, the desorption of ammonia out of hot water will be investigated 
experimentally.
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Desorption Experiments
The desorption experiments can be classified into three main series as well. The first 
set comprises measurements at a low gas flow rate of 10.29 1/min and a heat input of
2.7 kW, hence a constant temperature of 95.72 °C. An impeller speed of 250 tpm was 
used with gas phase equilibrium concentrations over the liquid varying between 387
i ~2 - /and 2169 ppm. These experiments gave kga values between 2.50*10' and 2.82*10 s . 
They are summarised in Tab. 4.7 to 4.9 and illustrated in Appendix A4.12 and A4.13.
Table 4.7: Mass transfer coefficients and conditions for desorption experiments
S eries  1
no. K„a
/ ( 1/s)
kia
/ ( 1/s)
kga
/ ( 1/s)
gas flow 
/ (1/min)
NH3 in vessel 
eq. / (ppm)
temp / 
°C
1 >2.40E-02 3.79E-02 >2.50E-02 10.29 387 95.72 heat input
2 >2.53E-02 3.79E-02 >2.64E-02 10.29 697 95.72 2.7 kW
3 >2.69E-02 3.79E-02 >2.82E-02 10.29 976 95.72
4 >2.59E-02 3.79E-02 >2.70E-02 10.29 1255 95.72 imp. speed
5 >2.50E-02 3.79E-02 >2.61E-02 10.29 1518 95.72 250 rpm
6 >2.53E-02 3.79E-02 >2.65E-02 10.29 1782 95.72
7 >2.51E-02 3.79E-02 >2.63E-02 10.29 2169 95.72
The second series was carried out at similar conditions but higher gas flow rates 
between 12 and 6 2 1/min, giving kga values between 2.22*1 O'2 and 4 .88*10^7
Table 4.8: Mass transfer coefficients and conditions for desoiption experiments
S eries  2
no. Kga
/ ( 1/s)
kja
/ ( 1/s)
kga
/ ( 1/s)
gas flow 
/ (l/min)
NH3 in vessel 
eq. / (ppm)
temp / 
°C
1 >2.46E-02 3.96E-02 >2.57E-02 12 1456 94 heat input
2 >3.55E-02 8.02E-02 >3.69E-02 52.6 861 85.34 2.7 kW
3 >4.12E-02 7.96E-02 >4.32E-02 52 657 84.5
4 >4.31E-02 8.99E-02 >4.51E-02 62.3 538 82.99 imp. speed
5 >2.56E-02 6.22E-02 >2.64E-02 34.6 1456 87.53 250 rpm
6 >2.16E-02 5.04E-02 >2.22E-02 22.8 861 91.75
7 >4.30E-02 8.01E-02 >4.51E-02 52.5 658 83.76
8 >4.64E-02 8.94E-02 >4.88E-02 61.8 538 81.87
9 >3.72E-02 7.03E-02 >3.89E-02 42.7 560 85.08
10 >3.06E-02 6.24E-02 >3.18E-02 34.81 561 87.55
11 >2.62E-02 5.06E-02 >2.72E-02 23 1786 91.5
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The third series includes gas flow rates of 100 1/min an ammonia concentrations from 
6341 ppm going up to values as high as 10342 ppm. They appear to show the highest 
kga values up to 1.01*1 O'1 s '1. This last series posed serious experimental problems 
because of the need to observe safety regulations, while sample taking and overall gas 
leak tightness of the equipment set the limits for experimental feasibility.
Table 4.9: Mass transfer coefficients and conditions for desorption experiments
S erie s  3
no. Kga
/ ( 1/s)
kja
/ ( 1/s)
kga
/ ( 1/s)
gas flow 
/ (1/min)
NH3 in vessel 
eq. / (ppm)
temp / 
°C
12 >8.07E-02 1.28E-02 >9.30E-02 100 6341 82.55 heat input
13 >8.95E-02 1.28E-02 >9.60E-02 100 7243 81.20 2.7 kW
14 >8.99E-02 1.28E-02 >9.67E-02 100 8092 80.22
15 >9.31E-02 1.28E-02 >1.01E-01 100 8995 79.15 imp. speed
16 >9.08E-02 1.28E-02 >9.85E-02 100 10342 77.80 250 rpm
If the sparging rate has an effect on the apparent kia value this supports the model of 
the major part of the vapour generation being in upper regions.
In addition in the absorption and desorption experiments the largest portion of gas 
phase leaving the reactor is created by evaporating an aqueous ammonia solution of a 
certain concentration according to the ammonia concentration and temperature in the 
liquid phase. Due to this ratio the actual ab~ or desorption process of the ammonia 
sparged into the vessel might in some cases not be detectable within the limits of the 
analytical procedure. For example, even including heat losses, each heater generates 
about 100 1/min of vapour phase at 95 °C.
The absorption and desorption results also confirm that there is no significant 
influence of solubility on the mass transfer behaviour of an absorption process at the 
described conditions. This can be concluded because of the independence of the 
absorption on the composition in the liquid phase.
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4.5 Temperature Profile
Following the previous mass transfer investigations the temperature was measured at 
different heights in the sparged STR. This was carried out 
by means of the equipment described in Fig. 4.23.
Due to the very limited access to the reactor the 
temperature probe could only be brought into the vessel 
through a hole in the lid which is located about 170 mm 
off-centre. The temperature probe itself was a metal tube 
with a PtlOO resistance thermometer attached to its end.
The tube was mounted in the lid by means of a sliding 
rubber bung which made it possible to change the 
submergence of the probe. The resolution of the display 
limited the accuracy of the measurements to ± 0.1 K.
At an impeller speed of 250 rpm several operating conditions with different heat 
inputs and sparging rates were investigated. Fig. 4.24 illustrates the results for a heat 
input of 5.1 kW and sparging rates of 40 and 8 0 1/min.
In no case was there any 
temperature within the
accuracy of the measurements 
change with depth. This 
confirms the assumption of a 
well mixed liquid phase as far 
as the temperature profile 
dependence on the depth in 
the tank is concerned. The 
limited access did not allow a 
further investigation at 
different locations but the above results suggest that there is no significant temperature 
difference occurring in the tank at impeller speeds above 250 rpm and below heat 
inputs of 8.1 kW.
► ♦ ♦  <
♦  40  l/min 
a  80  l/min
0  10 20  30  40  50
distance from surface / cm
Figure 4.24: Temperature in the STR at different 
distances from the surface for a heat input of 5.1 kW
v
R100
/
Figure 4.23: Temperature 
Measurement
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4.6 Conclusion
In order to reduce the range of variables, it was decided to limit the mass transfer 
investigations to a “standard” geometry, i.e. that of a 180 mm six-blade Rushton 
turbine operating in a tank of 450 mm diameter and liquid depth. The impeller was 
always mounted with a submergence of 300 mm.
The evaporation of water into air was used in order to provide a starting point for 
the evaporation behaviour of the STR. The asymptotic behaviour of the temperature 
when gas is sparged into a boiling reactor leads to a first estimation of gas mass 
transfer coefficients. They were found to be in the order of 0.05 s'1 which is within the 
findings for the coefficients for single bubbles of Chapter 3.5.
For further investigations of the mass transfer systems ammonia (using nitrogen as 
carrier gas) was sparged into the stirred tank reactor filled with either dilute 
phosphoric acid or distilled water.
The absorption of ammonia into phosphoric acid was initially investigated using 
the ring sparger at the bottom of the tank (submergence of about 500 mm). In none of 
the operating condition ammonia was found in the off-gas. Again this does not allow 
the determination of exact values but is an indication for the lower bounds of the gas 
side mass transfer coefficients which were found to be smaller than 0.195 s'1.
The absorption of ammonia into phosphoric acid was also carried out with a dip- 
pipe used as the sparger at varied depths of injection, giving different gas residence 
times in the reactor. The ammonia content in the off-gas seemed to vary 
logarithmically with injection depth, confirming the assumption of a log mean driving 
force for the absorption process. The gas side mass transfer factor was calculated at 
0.104 s'1. This is independent of the boil-off rate between 2.7 and 8.1 kW heat input. 
These values are lower than those acquired using the same reaction but with a ring 
sparger. This may be an effect of the specific interfacial area which is smaller with the 
dip-pipe.
The temperatures shown in Fig. 4.21 (equilibrium) imply that at reduced sparger 
submergence the gas phase leaving the reactor is not always saturated. This may be in 
part due to the method of bubble introduction with the dip-pipe, which in these hot 
conditions produces very large bubbles allowing gas slugs to rise along the pipe.
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In the ab- and desorption experiments the overall mass transfer coefficient was 
determined experimentally and the gas side mass transfer coefficient could then be 
estimated by using one of the well established correlations for the liquid side coefficient 
Iqa and the equation linking the three. The experiments using the ring sparger at the 
bottom of the tank all appeared to give complete absorption or desorption. Under 
these conditions it is not possible to determine unambiguous mass transfer coefficients, 
however, with knowledge of the sensitivity of the analysis it is possible to set lower 
bounds on their values. The general trend shows that kia is about 0.2 s '1.
Due to the lack of available gas side mass transfer data in STRs these values can 
only be compared with similar conditions in bubble columns (see Table 4.1). The kga 
values reported there are generally lower than those found in the present work. Only 
the work by OLDSHUE (1983) deals with measurements in an STR similar to the 
present equipment. He used a reaction between sodium sulphite and oxygen to find kga 
values between 1*10 4 and 1.24*1 O'2 s'1. The values found in the present studies lie in 
the upper range if not above those coefficients.
This leads to the conclusion that the absorption is not as dramatically inhibited as 
expected a priori. However, the results suggest that the mass transfer in a sparged 
boiling system may be promoted rather than inhibited. But this statement is limited to 
the equipment used and configuration of this rig. The promotion of mass transfer does 
not seem to be an effect of the specific interfacial area because the dilution effect by 
increasing the bubble volume when adding water vapour outweighs the increase in 
interfacial area.
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5 Liquid M ixing T im es
5.1 introduction
The batch ‘mixing time’ is the time measured from the instant of addition of a tracer 
material until the contents of a vessel have reached a specified degree of uniformity, 
when the system is said to be ‘mixed’. The main part of this chapter will be the 
experimental investigation of differences of mixing times between cold unsparged, cold 
sparged, hot unsparged and hot sparged systems and its implications on mass transfer 
in stirred tank reactors.
A typical though somewhat 
idealised mixing time measurement is 
illustrated in Fig. 5.1, the local tracer 
concentration over time at a certain 
point in a mixing vessel. The 
concentration approaches the 
equilibrium value CM with fluctuations 
dying out. The end point of the 
experiment is difficult to detect with 
precision.
For results to be meaningful it is necessary to specify the manner of tracer 
addition, the position and number of recording points, the sample volume of the 
detection system, and the criterion for deciding the cut-off point at the end of the 
experiment. Each of these factors will influence the measured mixing time and 
therefore must not be overlooked when comparing results from studies applying 
different experimental techniques or mixing time criteria.
The discussion of basics in this work will be restricted to the necessary aspects of 
experimental technique and the comparison of liquid mixing time behaviour in the 
systems under study: cold gassed and ungassed, boiling and hot gassed STR. For more 
detailed information the reader shall be referred to books like H A R N B Y  et al (1992) 
which give a rather general overview similar to the one in this chapter or for a range of 
applications and an extensive literature review on mixing time performance of different 
impellers and operating conditions to T a t t e r s o n  (1992).
Figure 5.1: Mixing time measurement
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Generally the mixing time tm depends on process variables as follows:
tm = f (p ,|l, N, g, D, T, other geometrical parameters) (5.1)
Using dimensionless analysis a dimensionless mixing time tm was used by most 
workers in presenting experimental data on mixing times. The relationships are 
generally of the form
Usually the mixing time is expressed as a function of the geometrical variables tank 
and impeller diameter and power draw with varying coefficients. The following 
relationship describes the mixing time behaviour in an STR (RUSZKOWSKY, 1994):
with T as tank diameter in m, D impeller diameter in m, P power draw in W and miiq 
the liquid mass in the tank in kg.
Practical mixing times can be measured by a variety of experimental techniques:
- acid/base indicator reactions
- temperature variations
- refractive index variations
- light-absorption techniques
- electrical conductivity variations
The nature of the experiments and the given experimental setup led to select 
electrical conductivity as the method of investigation.
Due to the necessity to avoid gas entrainment into the space between the 
electrodes the measurement of electrical conductivity in a sparged tank is potentially 
difficult. A probe is needed that allows liquid to be exchanged but avoids any gas 
entrapment. In addition the position of the probe had to be chosen in a way that allows 
a representative statement about the liquid mixing behaviour of the tank. This is 
particularly important in sparged tanks where the flow field is dependent on the 
sparging rate.
t,n = f  (Re, Fr, geometrical ratios), (5.2)
or for geometrically similar systems
tm = f (Re). (5.3)
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5.2 Experimental Equipment and Procedure
For all experiments in this section the 80 1 STR with an 180 mm Rushton turbine was 
used.
In order to monitor changes of electrical conductivity in the sparged STR a 
conductivity probe illustrated in Fig. 5.3 was built. Its design with a mesh cage as the 
outer electrode allows the exchange of liquid between the electrodes without gas 
entering this space. The inner electrode was made of graphite and the mesh of stainless 
steel. The mesh size was about 1.7 mm. The body was made of Nylon 66 and 
incorporated a gas escape channel in order to allow excess gas between the electrodes. 
Below the cage there was a flat mesh attached with a size of 40 by 40 mm in order to 
restrict the gas flow into the probe volume.
gas
escape , inner 
channel j /electrode
^  probe 
/
mesh
Figure 5.3: Design of 
the conductivity probe
Figure 5.4: Position of the injection and 
sampling point
The electrode output was measured with a Jenway 4010 conductivity meter and the 
analogue output recorded continuously on a PC with a frequency of 10 Hz. The ±2 V 
analogue output of the meter amplified with a factor of 2.
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The probe was positioned 5 cm off-centre with a submergence of the measuring 
point of 4 cm (see Fig. 5.4). The measuring volume between the electrodes was about 
5 ml.
The injection of the tracer was direct onto the liquid surface. Phosphoric acid was 
used as a tracer. In order to eliminate effects of viscosity 85 % phosphoric acid was 
diluted with distilled water to about 17 % and then a certain volume (according to the 
conductivity in the vessel) injected into the vessel which was filled with distilled water. 
It was assumed that there were no differences in mixing behaviour as a result of 
variations in temperature or density. The mixing time was assumed to be independent 
of the injected volume (10 to 20 ml). As a criterion for the determination of the mixing 
times a value for the deviation from the final value of the change of five subsequent 
values of 5 % was used.
Removal of gas from the sample volume was particularly important for the 
experiments at boiling point without any gas sparged into the reactor. In this case the 
current between the electrodes probably led to some local heating and generation of 
vapour.
5.3 Experimental Results
As a reference for sparged and/or hot experiments Fig. 5.6 shows the mixing curve for 
an impeller speed of 200 rpm at 20 C in the gassed tank (30 1/min). In this case the 
mixing time is about 8 s 
applying a 95 % criterion 
indicated by the dotted line in 
the graph. Experiments with 
heat inputs between 0 and 5.83 
kW and sparging rates 
between 0 and 50 1/min were 
carried out using the standard
180 mm Rushton turbine Figure 5.6: Conductivity signal for a cold experiment at an
, *i * • .1 impeller speed of 200 rpm and 301/mindescribed in the preceding u +
time / s
chapters. All experiments were carried out with an impeller submergence of 300 mm 
and a constant impeller speed of 200 rev/min.
The results for these mixing times are summarised in Tab. 5.1 and show averaged 
values of several experiments. The total gas flow rate includes water generated in 
addition to the gas sparged. The theoretical mixing times for comparison were 
calculated applying Eq. 5.4.
Mixing times for the cold ungassed experiments were found between 5.9 and 6.4 s. 
For the cold and hot gassed experiments the mixing times were determined to be 
between 6.7 and 8.7 s. The lowest values occurred for the experiments at boiling 
conditions with mixing times between 4.6 and 4.95 s. This seems to suggest that when 
liquid is boiling the cavitation behind the impeller blades reduces the power draw but 
does not result in increased mixing times. The mixing times at boiling conditions are 
the most consistent and do not show as much scatter as those at hot sparged 
conditions and can therefore be regarded as more reliable.
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A different technique Table 5.1: Results of the liquid mixing time experiments
for the detection of the heat mixing total Power mixing time
liquid mixing behaviour, temp. air rate input time flow draw literature
°C l/min kW s l/min W s
such as a neutralisation cold
with the use of an 25 0 0 6.4 0 37.53 5.92
25 30 0 7.3 30 29.7 6.40
indicator, might confirm 25 70 0 6.7 70 20.1 7.29
the above results. It is hot sparged
desirable to create 96.25 30 2.7 7.0 130 19.42 7.37
conditions with longer 84.33 50 2.7 8.7 150 18.87 7.44
94.83 30 5.4 7.5 230 18.86 7.44
mixing times in order to 91.92 50 5.4 7.9 250 18.77 7.45
be able to separate the 95 50 8.1 7.1 350 19.17 7.40
different conditions. boiling
Alternatively, the use of 100.07 0 2.7 5.0 100 34.84 6.08
100.07 0 5.4 4.6 200 34.84 6.08
different criteria for the 100.47 0 8.1 4.9 300 34.84 6.08
determination of the existence of a mixed liquid phase might be found.
Larger reactors should be studied, these would be more relevant to industrial 
applications and provide more critical and sensitive conditions for this kind of 
investigation.
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6 C o n c lu s io n s  an d  S u g g e s t io n s  for Future W ork
The aim of the present work has been the investigation of the performance of hot 
sparged stirred tank reactors (STRs). The main objective of such a reactor is the 
absorption of a component of a carrier gas into a liquid phase where it undergoes a 
reaction. This process is governed by many different factors. One important feature is 
the power draw because it gives an indication of the gas-handling capacity and 
cavitation behaviour of an impeller, and is generally accepted as correlating with 
dispersion and mass transfer performance.
The power draw of different impeller types in an STR operated in cold, cold 
gassed, boiling, and hot gassed conditions has been investigated by varying the impeller 
speed. The impellers can be classified into four groups, a six-blade Rushton turbine 
(which was used for most of the mass transfer work), one standard and one modified 
hollow-blade CD-6 impeller, two hydrofoil types namely HE3 and Prochem, and a 4 
blade pitched blade type with narrow blades.
For power draw experiments in a boiling STR the Relative Power Demand can be 
expressed as a function of the reciprocal of the Cavagitation Number (Eq. 2.10). The 
coefficients for the slope B from Eq. 2.12, giving an indication for the cavitation 
behaviour of an impeller, were found to be about 0.4 for the Rushton turbine, the 
pitched blade impeller, the convex driven CD-6 impellers, the HE3 and the Prochem 
hydrofoil. As exceptions the concave driven CD-6 impellers gave a value for B of 0.2 
and the Prochem pumping upwards was found to have no drop in Relative Power 
Demand (RPD), i.e. did not cavitate, even at the highest impeller speed (500 rpm).
In addition hot and cold gassed RPD values were measured for the range of 
impellers. For all types the hot and cold data showed no significant difference when 
plotting the RPD against combined gas flow number. This suggests that the hot gassed 
conditions can be correlated with the well-known relationships for the cold gassed 
operation of STRs.
Having established the power demand characteristics of such a system the gas- 
liquid mass transfer in hot conditions has been investigated starting with single bubbles 
and then extending it into a sparged STR.
The growth of small single water-free bubbles introduced into hot liquid has been 
investigated. The growth of inert gas bubbles in hot water was found to be very fast.
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This process would typically be completed within milliseconds of their exposure. 
Values for the gas side mass transfer coefficient kga were calculated to be between 
0.04 and 0.75, varying with bubble size.
In addition advantage was taken of the possibility of collaboration with Richard 
Manasseh from CSIRO, Melbourne, Australia. He has developed a unique method of 
measuring bubble sizes based on acoustic resonance. The vapour bubbles led to a much 
faster damping of the signal. The analysis of air bubbles introduced into hot water 
confirmed the initial findings of a very rapid bubble growth being complete within a 
few milliseconds.
The theoretical investigation of the influence of this rapid evaporation on the gas 
side mass transfer coefficients was carried out using both Fick and Stefan-Maxwell 
models. Due to the nature of the approaches the Stefan-Maxwell solution leads one to 
expect a smaller effect of the countercurrent flow. But for industrially relevant 
conditions neither model suggests that the gas side mass transfer resistance will 
dominate the absorption process.
This was confirmed in an experimental investigation of single bubbles in which 
pure ammonia was injected into a boiling 5 % phosphoric acid solution. The absorption 
is so fast that the bubble is absorbed as quickly as gas is introduced (< 10 ms for a 
typical bubble in the experiment) and the bubble has effectively no separate existence in 
the boiling liquid. As an extreme case a bubble of 2.1 mm equivalent spherical diameter 
was absorbed within 10 ms. This leads to the conclusion that even very rapid 
evaporation at high temperatures does not lead to a significantly delayed absorption. 
However, it should be remembered that these results are restricted to the investigation 
of very small fresh bubbles and can at best be only a guide to understanding the 
complex system of a sparged stirred tank.
Various mass transfer experiments were carried out in an 80 1 STR equipped with 
a 180 mm six-blade Rushton turbine. Analogously to the single bubble experiments, the 
evaporation of water into an inert gas was studied. Temperature changes of a hot 
sparged reactor, which is controlled by the evaporation into the sparged gas, suggest 
that the kga values for this system are between 0.04 and 0.07 s '1. This confirms the 
earlier findings. The system was also found to produce water-saturated off-gas 
irrespective of the mixing conditions, even when impeller speed was varied over the 
range from 0 to 500 rev/min.
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As a next step the absorption of ammonia into phosphoric acid, eliminating the 
liquid side mass transfer resistance, was investigated initially using the ring sparger at 
the bottom of the tank (submergence of about 500 mm). No ammonia was found in the 
off-gas for any operating condition. This result does not allow the gas side mass 
transfer factor to be determined directly but establishes the lower bound which was 
found to be smaller than 0.195 s'1.
The absorption of ammonia into phosphoric acid was also carried out by sparging 
through a dip-pipe at varied depths of injection, so giving different gas residence times 
in the reactor. This technique allowed ammonia to be detected in the off-gas and so it 
was possible to calculate a gas side mass transfer factor at 0.104 s '1, which was found 
to be independent of the boil-off rate.
Ab- and desorption experiments of ammonia into and out of hot water also led to 
estimates of overall mass transfer coefficients. The gas side contribution to the mass 
transfer coefficient could then be estimated by using one of the well established 
correlations for the liquid side coefficient kja. The experiments using the ring sparger at 
the bottom of the tank all appeared to give complete absorption or desorption. Under 
these conditions it is again not possible to determine unambiguous mass transfer 
coefficients, but using knowledge of the sensitivity of the analysis it has been possible 
to set lower bounds on their values. The trend shows that kia is about 0.2 s'1 and kga 
values range from 0.02 to 0.104 s'1. The following table sets out the various values of 
the mass transfer factors derived from the different approaches.
water into 
air
absorption 
of NH3 in 
H3PO4 
ring sparger
absorption of 
NH3 in 
H3PO4 
dip-pipe
absorption 
of NH3 in 
dist. water
desorption 
of NH3 from 
dist. water
k«a / s'1c? >0.04-0.07 >0.045-
0.195
0.01 >0.02-0.104 >0.024-
0.093
This leads to the conclusion that the absorption is not as dramatically inhibited as 
expected a priori. However, the results suggest that the mass transfer in a sparged 
boiling system may be promoted rather than inhibited, though this statement is limited 
to the equipment used and configuration of this rig. The promotion of mass transfer 
does not seem to be an effect of the specific interfacial area because the dilution effect 
resulting from the increase in bubble volume when adding water vapour outweighs the 
increase in interfacial area.
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In addition to the power draw and gas-liquid mass transfer investigations a first 
approach towards the comparison of liquid mixing times of cold, boiling and hot 
gassed conditions in an STR has been made. A conductivity probe was designed 
allowing the operation in the relevant conditions. Within the limits of the chosen 
experimental technique the mixing times in cold ungassed and boiling conditions, 
independent of the boil-off rate, were found to be the shortest (about 6 s). Hot and 
cold gassed experiments showed longer mixing times in the range from 6.4 to 7.5 s. 
Compared to the prediction of mixing times with a well established correlation for 
mixing times in turbulent single-phase operation the boiling condition (but neither hot 
nor cold sparged operations) gave mixing times that appear to be significantly shorter 
than expected. This point will certainly require confirmation.
Suggestions for future work
The void fraction and especially its distribution is one of the crucial parameters in a hot 
gassed system since it provides a vital design criterion for example for the sparger 
location. In order to carry out such experiments the present equipment would have to 
be fundamentally redesigned, allowing better access to the tank. It is also desirable to 
carry out experiments in a larger scale tank.
The absorption behaviour in a hot sparged tank needs to be extended to include 
industrially more relevant highly exothermic reactions. In this case the heat will be 
generated at the gas-liquid interface rather than introduced by immersion heaters.
As a consequence of the absorption and desorption experiments in the STR the 
location of the ring sparger may be reconsidered leading to shorter residence times of 
the gas. Alternatively the reactor should be run with highly increased void fractions 
which would also be a step towards industrial application.
Theoretical modelling of a single bubble exposed to hot water (with and without 
absorption) and eventually the modelling of the stirred tank reactor in terms of void 
fraction and other parameters is needed. But further experimental data about the 
system are a vital prerequisite.
The liquid mixing time experiments should be confirmed by deliberately attempting 
to use more critical mixing conditions, for example by changing the method of injecting 
the tracer or alternatively repositioning the probe, or a fundamental redesign of the 
experimental technique and systems, perhaps using a larger tank.
In addition, the gas phase concentration distribution, which in the present work 
was based on the assumption of an exponential profile, should be studied in detail, 
experimentally as well as theoretically. This would give further information on the 
kinetics of the reaction and the influence of evaporation on gas-liquid mass transfer.
The much more rapid acoustic damping observed in the present experiments could 
have led to the apparent oversaturation for single bubble growth. Since the system 
pressure is very close to or at the vapour pressure of the liquid, as the bubble oscillates 
as a result of local pressure changes, there may well be evaporation and condensation 
at the gas-liquid interface. Additional investigations, for example a combination of 
acoustic measurements and high speed video analysis, could give information on 
bubble formation, release, and growth under these specific conditions.
Further investigation is needed of the bubble formation stage as gas leaves the 
sparger. It is likely that a significant part of the total mass transfer takes place before 
the bubble has detached.
The temperature profile in the tank, which in the present work was found to be 
uniform, may be a result of the slow response time of the Pt 100 sensor which has a 
high thermal capacity and so rapid fluctuations may have been overlooked. This should 
be investigated using a sensor with a faster response, for example an exposed junction 
thermocouple.
During some of the dip-pipe experiments the gas phase leaving the reactor was 
found to be not saturated with water vapour. This was probably caused by the very 
different bubble size distribution compared to the ring sparger, which in any case was 
very much greater than in the single bubble experiment. Larger gas slugs rising along 
the pipe can be expected to show a dramatically increased mass transfer resistance. 
This phenomenon might be addressed in terms of monitoring pressure changes in a 
sealed column when a single large gas bubble is introduced. Obviously there is scope 
for the optimisation of the sparger design.
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Table A2.1: Summary of the boiling experiments
Rushton turbine PBT-4
impeller impeller
speed log log speed log log
rev/min 1/CAgN CAgN RPD RPD rev/min 1/CAgN CAgN RPD RPD
120 0.22 0.66 1.07 0.03 200 0.60 0.22 1.00 0.00
180 0.49 0.31 1.00 0.00 250 0.94 0.03 0.85 -0.07
240 0.87 0.06 0.80 -0.10 300 1.36 -0.13 0.66 -0.18
300 1.36 -0.13 0.66 -0.18 350 1.85 -0.27 0.54 -0.27
360 1.96 -0.29 0.58 -0.24 400 2.41 -0.38 0.49 -0.31
420 2.66 -0.43 0.53 -0.27 450 3.06 -0.49 0.46 -0.34
480 3.48 -0.54 0.50 -0.30 500 3.77 -0.58 0.44 -0.36
540 4.40 -0.64 0.46 -0.33
PBT-4 HE3
200 0.60 0.22 1.00 0.00 180 0.49 0.31 1.43 0.15
250 0.94 0.03 0.85 -0.07 240 0.87 0.06 1.27 0.10
300 1.36 -0.13 0.66 -0.18 300 1.36 -0.13 1.14 0.06
350 1.85 -0.27 0.54 -0.27 360 1.96 -0.29 0.95 -0.02
400 2.41 -0.38 0.49 -0.31 420 2.66 -0.43 0.80 -0.10
450 3.06 -0.49 0.46 -0.34 480 3.48 -0.54 0.67 -0.17
500 3.77 -0.58 0.44 -0.36 540 4.40 -0.64 0.59 -0.23
CD-6 concave CD-6 convex
200 0.60 0.22 1.08 0.03 200 0.60 0.22 0.87 -0.06
250 0.94 0.03 1.14 0.06 250 0.94 0.03 0.75 -0.12
300 1.36 -0.13 1.09 0.04 300 1.36 -0.13 0.64 -0.20
350 1.85 -0.27 1.00 0.00 350 1.85 -0.27 0.56 -0.25
400 2.41 -0.38 0.93 -0.03 400 2.41 -0.38 0.53 -0.28
450 3.06 -0.49 0.90 -0.05 450 3.06 -0.49 0.50 -0.30
500 3.77 -0.58 0.85 -0.07 500 3.77 -0.58 0.49 -0.31
CD-6m concave CD-6m convex
200 0.60 0.22 1.03 0.01 200 0.60 0.22 0.89 -0.05
250 0.94 0.03 1.01 0.01 250 0.94 0.03 0.73 -0.13
300 1.36 -0.13 1.04 0.02 300 1.36 -0.13 0.61 -0.22
350 1.85 -0.27 1.06 0.02 350 1.85 -0.27 0.52 -0.28
400 2.41 -0.38 1.02 0.01 400 2.41 -0.38 0.47 -0.33
450 3.06 -0.49 1.00 0.00 450 3.06 -0.49 0.44 -0.36
500 3.77 -0.58 0.84 -0.08 500 3.77 -0.58 0.41 -0.38
Prochem Prochem operated reversely
200 0.60 0.22 1.16 0.07 200 0.60 0.22 0.74 -0.13
250 0.94 0.03 1.05 0.02 250 0.94 0.03 0.77 -0.11
300 1.36 -0.13 1.02 0.01 300 1.36 -0.13 0.77 -0.11
350 1.85 -0.27 0.90 -0.05 350 1.85 -0.27 0.82 -0.09
400 2.41 -0.38 0.79 -0.10 400 2.41 -0.38 0.83 -0.08
450 3.06 -0.49 0.74 -0.13 450 3.06 -0.49 0.83 -0.08
500 3.77 -0.58 0.69 -0.16 500 3.77 -0.58 0.84 -0.08
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Table A2.2: Hot gassed power draw for the Rushton turbine
Rushton turbine hot gassed
impeller comb, gas gas log comb.
speed flow flow log RPD gas flow
rev/min 1/min RPD number mA3/s
180.00 83.86 0.56 0.08 -0.25 -2.85
143.11 0.54 0.14 -0.27 -2.62
236.88 0.57 0.23 -0.25 -2.40
297.52 0.57 0.28 -0.24 -2.30
200.00 136.53 0.51 0.12 -0.30 -2.64
227.49 0.51 0.20 -0.29 -2.42
240.00 83.80 0.51 0.06 -0.29 -2.85
143.36 0.45 0.10 -0.35 -2.62
236.79 0.44 0.17 -0.36 -2.40
298.00 0.44 0.21 -0.35 -2.30
250.00 137.21 0.46 0.09 -0.34 -2.64
229.07 0.44 0.16 -0.36 -2.42
300.00 83.75 0.51 0.05 -0.29 -2.86
143.50 0.42 0.08 -0.37 -2.62
137.89 0.44 0.08 -0.36 -2.64
236.79 0.38 0.14 -0.42 -2.40
230.95 0.40 0.13 -0.40 -2.41
298.31 0.38 0.17 -0.42 -2.30
350.00 138.58 0.44 0.07 -0.36 -2.64
232.58 0.37 0.11 -0.43 -2.41
360.00 83.75 0.50 0.04 -0.30 -2.86
143.75 0.42 0.07 -0.38 -2.62
236.97 0.37 0.11 -0.44 -2.40
298.94 0.36 0.14 -0.45 -2.30
400.00 139.64 0.44 0.06 -0.35 -2.63
233.97 0.37 0.10 -0.44 -2.41
420.00 83.96 0.48 0.03 -0.31 -2.85
144.07 0.42 0.06 -0.37 -2.62
237.31 0.36 0.10 -0.45 -2.40
299.90 0.34 0.12 -0.46 -2.30
450.00 140.53 0.44 0.05 -0.35 -2.63
233.97 0.36 0.09 -0.44 -2.41
480.00 84.29 0.48 0.03 -0.32 -2.85
144.51 0.42 0.05 -0.37 -2.62
237.84 0.36 0.08 -0.44 -2.40
300.70 0.34 0.11 -0.47 -2.30
500.00 141.26 0.44 0.05 -0.36 -2.63
233.97 0.37 0.08 -0.44 -2.41
540.00 84.52 0.48 0.03 -0.32 -2.85
144.95 0.42 0.05 -0.38 -2.62
238.54 0.35 0.08 -0.45 -2.40
301.83 0.34 0.10 -0.47 -2.30
Appendix
Table A2.3: Hot gassed power draw for the PBT-4
PBT-4 hot eassed
impeller comb, gas gas log comb.
speed flow flow log RPD gas flow
rev/min 1/min RPD number mA3/s
200 79.79 1.06 0.07 0.02 -2.88
142.06 1.20 0.12 0.08 -2.63
132.45 1.15 0.11 0.06 -2.66
231.92 1.19 0.20 0.08 -2.41
209.36 1.26 0.18 0.10 -2.46
295.20 1.26 0.25 0.10 -2.31
250 79.79 0.77 0.05 -0.11 -2.88
142.06 0.93 0.10 -0.03 -2.63
132.45 0.88 0.09 -0.05 -2.66
231.92 1.01 0.16 0.00 -2.41
209.36 1.00 0.14 0.00 -2.46
295.20 1.05 0.20 0.02 -2.31
300 79.79 0.60 0.05 -0.22 -2.88
142.06 0.69 0.08 -0.16 -2.63
132.45 0.67 0.08 -0.18 -2.66
231.92 0.84 0.13 -0.07 -2.41
209.36 0.83 0.12 -0.08 -2.46
295.20 0.89 0.17 -0.05 -2.31
350 79.79 0.50 0.04 -0.31 -2.88
142.06 0.55 0.07 -0.26 -2.63
132.45 0.54 0.07 -0.27 -2.66
231.92 0.61 0.11 -0.21 -2.41
209.36 0.61 0.10 -0.21 -2.46
295.20 0.72 0.14 -0.15 -2.31
400 79.79 0.43 0.03 -0.37 -2.88
142.06 0.46 0.06 -0.34 -2.63
132.45 0.45 0.06 -0.34 -2.66
231.92 0.50 0.10 -0.30 -2.41
209.36 0.50 0.09 -0.30 -2.46
295.20 0.54 0.13 -0.27 -2.31
450 79.79 0.38 0.03 -0.43 -2.88
142.06 0.41 0.05 -0.39 -2.63
132.45 0.39 0.05 -0.41 -2.66
231.92 0.43 0.09 -0.37 -2.41
209.36 0.43 0.08 -0.37 -2.46
295.20 0.46 0.11 -0.34 -2.31
500 79.79 0.35 0.03 -0.46 -2.88
142.06 0.36 0.05 -0.44 -2.63
132.45 0.35 0.05 -0.46 -2.66
231.92 0.38 0.08 -0.42 -2.41
209.36 0.37 0.07 -0.43 -2.46
295.20 0.40 0.10 -0.40 -2.31
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Table A2.4: Hot gassed power draw for the CD-6 concave
CD-6 concave hot gassed
impeller comb, gas gas log comb.
speed flow flow log RPD gas flow
rev/min I/min RPD number mA3/s
200.00 80.73 0.79 0.07 -0.10 -2.87
142.76 0.76 0.13 -0.12 -2.62
136.53 0.78 0.13 -0.11 -2.64
235.68 0.77 0.22 -0.12 -2.41
217.76 0.77 0.20 -0.11 -2.44
297.05 0.82 0.27 -0.09 -2.31
250.00 80.73 0.78 0.06 -0.11 -2.87
142.76 0.76 0.10 -0.12 -2.62
136.53 0.72 0.10 -0.15 -2.64
235.68 0.65 0.17 -0.19 -2.41
217.76 0.71 0.16 -0.15 -2.44
297.05 0.69 0.22 -0.16 -2.31
300.00 80.73 0.79 0.05 -0.10 -2.87
142.76 0.71 0.09 -0.15 -2.62
136.53 0.70 0.08 -0.16 -2.64
235.68 0.65 0.14 -0.19 -2.41
217.76 0.66 0.13 -0.18 -2.44
297.05 0.63 0.18 -0.20 -2.31
350.00 80.73 0.75 0.14 -0.13 -2.87
142.76 0.71 0.07 -0.15 -2.62
136.53 0.70 0.07 -0.15 -2.64
235.68 0.65 0.12 -0.19 -2.41
217.76 0.64 0.11 -0.19 -2.44
297.05 0.62 0.16 -0.21 -2.31
400.00 80.73 0.75 0.04 -0.13 -2.87
142.76 0.71 0.07 -0.15 -2.62
136.53 0.69 0.06 -0.16 -2.64
235.68 0.64 0.11 -0.20 -2.41
217.76 0.64 0.10 -0.19 -2.44
297.05 0.60 0.14 -0.22 -2.31
450.00 80.73 0.76 0.03 -0.12 -2.87
142.76 0.69 0.06 -0.16 -2.62
136.53 0.69 0.06 -0.16 -2.64
235.68 0.64 0.10 -0.19 -2.41
217.76 0.64 0.09 -0.19 -2.44
297.05 0.61 0.12 -0.21 -2.31
500.00 80.73 0.76 0.03 -0.12 -2.87
142.76 0.70 0.05 -0.15 -2.62
136.53 0.68 0.05 -0.17 -2.64
235.68 0.64 0.09 -0.20 -2.41
217.76 0.64 0.08 -0.19 -2.44
297.05 0.61 0.11 -0.21 -2.31
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Table A2.5: Hot gassed power draw for the CD-6 convex
CD-6 convex hot gassed
impeller comb, gas gas log comb.
speed flow flow log RPD gas flow
rev/min 1/min RPD number mA3/s
200.00 80.93 0.38 0.07 -0.42 -2.87
142.76 0.30 0.13 -0.52 -2.62
136.70 0.31 0.13 -0.51 -2.64
235.68 0.32 0.22 -0.50 -2.41
218.48 0.31 0.20 -0.51 -2.44
297.05 0.29 0.27 -0.53 -2.31 1
250.00 80.93 0.38 0.06 -0.43 -2.87
142.76 0.35 0.10 -0.46 -2.62
136.70 0.34 0.10 -0.47 -2.64
235.68 0.29 0.17 -0.54 -2.41
218.48 0.25 0.16 -0.60 -2.44
297.05 0.27 0.22 -0.57 -2.31
300.00 80.93 0.39 0.05 -0.41 -2.87
142.76 0.34 0.09 -0.46 -2.62
136.70 0.35 0.08 -0.46 -2.64
235.68 0.31 0.14 -0.51 -2.41
218.48 0.32 0.13 -0.49 -2.44
297.05 0.31 0.18 -0.51 -2.31
350.00 80.93 0.38 0.04 -0.42 -2.87
142.76 0.36 0.07 -0.45 -2.62
136.70 0.36 0.07 -0.45 -2.64
235.68 0.31 0.12 -0.51 -2.41
218.48 0.31 0.12 -0.51 -2.44
297.05 0.28 0.16 -0.55 -2.31
400.00 80.93 0.39 0.04 -0.41 -2.87
142.76 0,36 0.07 -0.44 -2.62
136.70 0.36 0.06 -0.44 -2.64
235.68 0.31 0.11 -0.50 -2.41
218.48 0.31 0.10 -0.50 -2.44
297.05 0.28 0.14 -0.55 -2.31
450.00 80.93 0.40 0.03 -0.40 -2.87
142.76 0.37 0.06 -0.43 -2.62
136.70 0.35 0.06 -0.45 -2.64
235.68 0.32 0.10 -0.50 -2.41
218.48 0.32 0.09 -0.50 -2.44
297.05 0.28 0.12 -0.55 -2.31
500.00 80.93 0.40 0.03 -0.40 -2.87
142.76 0.37 0.05 -0.43 -2.62
136.70 0.36 0.05 -0.44 -2.64
235.68 0.33 0.09 -0.49 -2.41
218.48 0.33 0.08 -0.49 -2.44
297.05 0.29 0.11 -0.53 -2.31
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Table A2.6: Hot gassed power draw for the CD-6m concave
CD-6m concave hot sassed
impeller comb, gas gas log comb.
speed flow flow log RPD gas flow
rev/mi n 1/min RPD number mA3/s
200 77.15 1.05 0.06 0.02 -2.89
139.57 1.04 0.11 0.01 -2.63
132.45 1.02 0.10 0.01 -2.66
235.25 1.07 0.19 0.03 -2.41
220.90 1.05 0.17 0.02 -2.43
295.66 1.03 0.23 0.01 -2.31
250 77.15 1.02 0.05 0.01 -2.89
139.57 1.00 0.09 0.00 -2.63
132.45 0.97 0.08 -0.01 -2.66
235.25 0.99 0.15 0.00 -2.41
220.90 0.97 0.14 -0.02 -2.43
295.66 0.99 0.19 0.00 -2.31
300 77.15 1.00 0.04 0.00 -2.89
139.57 1.02 0.07 0.01 -2.63
132.45 0.98 0.07 -0.01 -2.66
235.25 0.96 0.12 -0.02 -2.41
220.90 0.94 0.12 -0.03 -2.43
295.66 0.94 0.16 -0.03 -2.31
350 77.15 1.00 0.03 0.00 -2.89
139.57 0.97 0.06 -0.01 -2.63
132.45 0.96 0.06 -0.02 -2.66
235.25 0.95 0.11 -0.02 -2.41
220.90 0.95 0.10 -0.02 -2.43
295.66 0.93 0.13 -0.03 -2.31
400 77.15 0.98 0.03 -0.01 -2.89
139.57 0.98 0.06 -0.01 -2.63
132.45 0.95 0.05 -0.02 -2.66
235.25 0.95 0.09 -0.02 -2.41
220.90 0.94 0.09 -0.03 -2.43
295.66 0.94 0.12 -0.03 -2.31
450 77.15 0.99 0.03 -0.01 -2.89
139.57 0.97 0.05 -0.02 -2.63
132.45 0.94 0.05 -0.03 -2.66
235.25 0.95 0.08 -0.02 -2.41
220.90 0.94 0.08 -0.02 -2.43
295.66 0.93 0.10 -0.03 -2.31
500 77.15 1.00 0.02 0.00 -2.89
139.57 0.95 0.04 -0.02 -2.63
132.45 0.96 0.04 -0.02 -2.66
235.25 0.96 0.07 -0.02 -2.41
220.90 0.92 0.07 -0.04 -2.43
295.66 0.93 0.09 -0.03 -2.31
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Table A2.7: Hot gassed power draw for the CD-6m convex
CD-6m convex hot gassed
impeller comb, gas gas log comb.
speed flow flow log RPD gas flow
rev/min 1/min RPD number mA3/s
200 77.59 0.40 0.06 -0.40 -2.89
139.93 0.39 0.11 -0.41 -2.63
132.61 0.38 0.10 -0.42 -2.66
234.49 0.39 0.19 -0.40 -2.41
223.38 0.38 0.18 -0.42 -2.43
296.43 0.37 0.23 -0.43 -2.31
250 77.59 0.39 0.05 -0.41 -2.89
139.93 0.36 0.09 -0.45 -2.63
132.61 0.35 0.08 -0.46 -2.66
234.49 0.28 0.15 -0.56 -2.41
223.38 0.28 0.14 -0.55 -2.43
296.43 0.31 0.19 -0.51 -2.31
300 77.59 0.42 0.04 -0.38 -2.89
139.93 0.32 0.07 -0.50 -2.63
132.61 0.31 0.07 -0.51 -2.66
234.49 0.28 0.12 -0.56 -2.41
223.38 0.27 0.12 -0.56 -2.43
296.43 0.24 0.16 -0.61 -2.31
350 77.59 0.45 0.04 -0.34 -2.89
139.93 0.34 0.06 -0.47 -2.63
132.61 0.33 0.06 -0.48 -2.66
234.49 0.26 0.11 -0.59 -2.41
223.38 0.28 0.10 -0.55 -2.43
296.43 0.25 0.13 -0.60 -2.31
400 77.59 0.47 0.03 -0.32 -2.89
139.93 0.36 0.06 -0.44 -2.63
132.61 0.34 0.05 -0.46 -2.66
234.49 0.26 0.09 -0.59 -2.41
223.38 0.25 0.09 -0.60 -2.43
296.43 0.20 0.12 -0.70 -2.31
450 77.59 0.50 0.03 -0.31 -2.89
139.93 0.39 0.05 -0.41 -2.63
132.61 0.36 0.05 -0.44 -2.66
234.49 0.24 0.08 -0.62 -2.41 !
223.38 0.23 0.08 -0.65 -2.43
296.43 0.17 0.10 -0.78 -2.31
500 77.59 0.51 0.02 -0.29 -2.89
139.93 0.41 0.04 -0.39 -2.63
132.61 0.38 0.04 -0.42 -2.66
296.43 0.13 0.09 -0.87 -1.03
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Table A2.8: Hot gassed power draw for the Prochem
Prochem hot gassed
impeller comb, gas gas log comb.
speed flow flow log RPD gas flow
rev/min 1/min RPD number mA3/s
200.00 81.08 1.82 0.07 0.26 -2.87
141.82 2.02 0.13 0.30 -2.63
135.52 1.87 0.12 0.27 -2.65
237.23 2.23 0.22 0.35 -2.40
224.65 2.13 0.21 0.33 -2.43
299.10 2.37 0.27 0.38 -2.30
250.00 81.08 1.32 0.06 0.12 -2.87
141.82 1.43 0.10 0.15 -2.63
135.52 1.37 0.10 0.14 -2.65
237.23 1.59 0.17 0.20 -2.40
224.65 1.53 0.17 0.18 -2.43
299.10 1.65 0.22 0.22 -2.30
300.00 81.08 1.00 0.05 0.00 -2.87
141.82 1.07 0.09 0.03 -2.63
135.52 1.05 0.08 0.02 -2.65
237.23 1.19 0.14 0.07 -2.40
224.65 1.14 0.14 0.06 -2.43
299.10 1.26 0.18 0.10 -2.30
350.00 81.08 0.80 0.04 -0.10 -2.87
141.82 0.86 0.07 -0.07 -2.63
135.52 0.84 0.07 -0.07 -2.65
237.23 0.93 0.12 -0.03 -2.40
224.65 0.91 0.12 -0.04 -2.43
299.10 0.99 0.16 0.00 -2.30
400.00 81.08 0.67 0.04 -0.18 -2.87
141.82 0.72 0.07 -0.14 -2.63
135.52 0.68 0.06 -0.16 -2.65
237.23 0.76 0.11 -0.12 -2.40
224.65 0.74 0.10 -0.13 -2.43
299.10 0.78 0.14 -0.11 -2.30
450.00 81.08 0.56 0.03 -0.25 -2.87
141.82 0.61 0.06 -0.21 -2.63
135.52 0.59 0.06 -0.23 -2.65
237.23 0.64 0.10 -0.19 -2.40
224.65 0.62 0.09 -0.20 -2.43
299.10 0.67 0.12 -0.18 -2.30
500.00 81.08 0.51 0.03 -0.30 -2.87
141.82 0.54 0.05 -0.27 -2.63
135.52 0.51 0.05 -0.29 -2.65
237.23 0.55 0.09 -0.26 -2.40
299.10 0.57 0.11 -0.25 -0.96
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Table A2.9: Hot gassed power draw for the HE3
impeller comb, gas gas log comb.
speed flow flow log RPD log gas flow
rev/mi n 1/min RPD number Fl mA3/s
180.00 82.15 1.92 0.08 0.28 -1.11 -2.86
142.13 1.86 0.14 0.27 -0.87 -2.63
147.35 2.05 0.14 0.31 -0.85 -2.61
234.40 2.07 0.22 0.32 -0.65 -2.41
228.27 2.21 0.22 0.35 -0.66 -2.42
295.35 2.10 0.28 0.32 -0.55 -2.31
240.00 82.15 1.33 0.06 0.12 -1.23 -2.86
142.13 1.33 0.10 0.12 -0.99 -2.63
147.35 1.41 0.11 0.15 -0.98 -2.61
234.40 1.44 0.17 0.16 -0.78 -2.41
228.27 1.50 0.16 0.18 -0.79 -2.42
295.35 1.44 0.21 0.16 -0.67 -2.31
300.00 82.15 1.04 0.05 0.02 -1.33 -2.86
142.13 1.05 0.08 0.02 -1.09 -2.63
147.35 1.07 0.08 0.03 -1.07 -2.61
234.40 1.13 0.13 0.05 -0.87 -2.41
228.27 1.14 0.13 0.06 -0.89 -2.42
295.35 1.11 0.17 0.05 -0.77 -2.31
360.00 82.15 0.81 0.04 -0.09 -1.41 -2.86
142.13 0.89 0.07 -0.05 -1.17 -2.63
147.35 0.87 0.07 -0.06 -1.15 -2.61
234.40 0.90 0.11 -0.05 -0.95 -2.41
228.27 0.93 0.11 -0.03 -0.97 -2.42
295.35 0.91 0.14 -0.04 -0.85 -2.31
420.00 82.15 0.67 0.03 -0.18 -1.48 -2.86
142.13 0.74 0.06 -0.13 -1.24 -2.63
147,35 0.74 0.06 -0.13 -1.22 -2.61 i
234.40 0.79 0.10 -0.10 -1.02 -2.41
228.27 0.77 0.09 -0.11 -1.03 -2.42
295.35 0.78 0.12 -0.11 -0.92 -2.31
480.00 82.15 0.58 0.03 -0.24 -1.54 -2.86
142.13 0.61 0.05 -0.22 -1.29 -2.63
147.35 0.62 0.05 -0.21 -1.28 -2.61
234.40 0.70 0.08 -0.16 -1.08 -2.41
228.27 0.67 0.08 -0.17 -1.09 -2.42
295.35 0.68 0.11 -0.17 -0.97 -2.31
540.00 82.15 0.51 0.03 -0.29 -1.59 -2.86
142.13 0.54 0.05 -0.27 -1.34 -2.63
147.35 0.55 0.05 -0.26 -1.33 -2.61
234.40 0.57 0.07 -0.24 -1.13 -2.41
228.27 0.57 0.07 -0.25 -1.14 -2.42
295.35 0.61 0.09 -0.21 -1.02 -2.31
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Table A2.10: Cold gassed power draw for the RT-6 and PBT-4
Rushton t log comb.
impeller gas flow flow log gas flow
speed 1/min RPD number RPD mA3/s
180.00 107.53 0.53 0.10 -0.28 -2.75
240.00 107.53 0.46 0.08 -0.33 -2.75
300.00 107.53 0.45 0.06 -0.35 -2.75
360.00 107.53 0.44 0.05 -0.36 -2.75
420.00 107.53 0.42 0.04 -0.38 -2.75 I
480.00 107.53 0.40 0.04 -0.40 -2.75
180.00 183.71 0.52 0.18 -0.29 -2.51
240.00 183.71 0.43 0.13 -0.37 -2.51
300.00 183.71 0.38 0.11 -0.42 -2.51
360.00 183.71 0.36 0.09 -0.44 -2.51
420.00 183.71 0.35 0.08 -0.46 -2.51
480.00 183.71 0.33 0.07 -0.48 -2.51
180.00 295.80 0.51 0.28 -0.29 -2.31
240.00 295.80 0.41 0.21 -0.39 -2.31
300.00 295.80 0.36 0.17 -0.45 -2.31
360.00 295.80 0.33 0.14 -0.48 -2.31
420.00 295.80 0.31 0.12 -0.51 -2.31
480.00 295.80 0.30 0.11 -0.52 -2.31
PBT-4 log comb.
impeller gas flow flow log gas flow
speed 1/min RPD number RPD mA3/s
200.00 107.53 1.14 0.09 0.06 -2.75
250.00 107.53 0.83 0.07 -0.08 -2.75
300.00 107.53 0.62 0.06 -0.21 -2.75
350.00 107.53 0.51 0.05 -0.29 -2.75
400.00 107.53 0.43 0.05 -0.37 -2.75
450.00 107.53 0.38 0.04 -0.42 -2.75
500.00 107.53 0.35 0.04 -0.46 -2.75
200.00 183.71 1.16 0.16 0.06 -2.51
250.00 183.71 0.99 0.13 -0.01 -2.51
300.00 183.71 0.75 0.11 -0.13 -2.51
350.00 183.71 0.55 0.09 -0.26 -2.51
400.00 183.71 0.47 0.08 -0.33 -2.51
450.00 183.71 0.41 0.07 -0.39 -2.51
500.00 183.71 0.37 0.06 -0.43 -2.51
200.00 295.80 1.22 0.25 0.08 -2.31
250.00 295.80 0.99 0.20 -0.01 -2.31
300.00 295.80 0.84 0.17 -0.07 -2.31
350.00 295.80 0.63 0.14 -0.20 -2.31
400.00 295.80 0.52 0.13 -0.29 -2.31
450.00 295.80 0.45 0.11 -0.35 -2.31
500.00 295.80 0.40 0.10 -0.40 -2.31
All
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Table A2.11: Cold gassed power draw for the CD-6
CD-6 concave log comb.
impeller gas flow flow log gas flow
speed 1/min RPD number RPD mA3/s
200.00 107.53 0.76 16.98 -0.12 -2.75
250.00 107.53 0.74 8.49 -0.13 -2.75
300.00 107.53 0.72 5.66 -0.14 -2.75
400.00 107.53 0.71 3.40 -0.15 -2.75
450.00 107.53 0.67 2.83 -0.17 -2.75
500.00 107.53 0.66 2.43 -0.18 -2.75
200.00 183.71 0.71 29.01 -0.15 -2.51
250.00 183.71 0.65 14.51 -0.19 -2.51
300.00 183.71 0.64 9.67 -0.19 -2.51
350.00 183.71 0.64 7.25 -0.19 -2.51
450.00 183.71 0.62 4.84 -0.21 -2.51
500.00 183.71 0.62 4.14 -0.21 -2.51
200.00 295.80 0.76 46.72 -0.12 -2.31
250.00 295.80 0.67 23.36 -0.18 -2.31
300.00 295.80 0.63 15.57 -0.20 -2.31
400.00 295.80 0.59 9.34 -0.23 -2.31
450.00 295.80 0.58 7.79 -0.24 -2.31
| 500.00 295.80 0.58 6.67 -0.24 -2.31
CD-6 convex log comb.
impeller gas flow flow log gas flow
speed 1/min RPD number RPD mA3/s
200.00 107.53 0.33 16.98 -0.49 -2.75
250.00 107.53 0.38 8.49 -0.42 -2.75
300.00 107.53 0.37 5.66 -0.43 -2.75
350.00 107.53 0.38 4.25 -0.43 -2.75
400.00 107.53 0.37 3.40 -0.43 -2.75
| 450.00 107.53 0.37 2.83 -0.43 -2.75
500.00 107.53 0.37 2.43 -0.43 -2.75
200.00 183.71 0.35 29.01 -0.46 -2.51
250.00 183.71 0.33 14.51 -0.47 -2.51
300.00 183.71 0.33 9.67 -0.48 -2.51
350.00 183.71 0.32 7.25 -0.49 -2.51
400.00 183.71 0.33 5.80 -0.49 -2.51
450.00 183.71 0.33 4.84 -0.48 -2.51
500.00 183.71 0.33 4.14 -0.48 -2.51
200.00 295.80 0.36 46.72 -0.44 -2.31
250.00 295.80 0.30 23.36 -0.53 -2.31
300.00 295.80 0.31 15.57 -0.51 -2.31
350.00 295.80 0.29 11.68 -0.54 -2.31
400.00 295.80 0.29 9.34 -0.53 -2.31
450.00 295.80 0.29 7.79 -0.53 -2.31
500.00 295.80 0.30 6.67 -0.53 -2.31
Appendix A13
Table A2.12: Cold gassed power draw for the CD-6m
CD-6m concave log comb.
impeller gas flow flow log gas flow
speed 1/min RPD number RPD mA3/s
200.00 107.53 1.00 16.98 0.00 -2.75
250.00 107.53 0.96 8.49 -0.02 -2.75
300.00 107.53 0.96 5.66 -0.02 -2.75
350.00 107.53 0.95 4.25 -0.02 -2.75 |
400.00 107.53 0.96 3.40 -0.02 -2.75
450.00 107.53 0.94 2.83 -0.03 -2.75
500.00 107.53 0.94 2.43 -0.03 -2.75
200.00 183.71 0.98 29.01 -0.01 -2.51
250.00 183.71 0.97 14.51 -0.01 -2.51
300.00 183.71 0.94 9.67 -0.03 -2.51
350.00 183.71 0.93 7.25 -0.03 -2.51
400.00 183.71 0.92 5.80 -0.04 -2.51
450.00 183.71 0.92 4.84 -0.04 -2.51
500.00 183.71 0.89 4.14 -0.05 -2.51
200.00 295.80 1.01 46.72 0.00 -2.31
250.00 295.80 0.62 23.36 -0.21 -2.31
300.00 295.80 0.91 15.57 -0.04 -2.31
350.00 295.80 0.91 11.68 -0.04 -2.31
400.00 295.80 0.90 9.34 -0.04 -2.31
450.00 295.80 0.89 7.79 -0.05 -2.31
CD-6m convex log comb.
impeller flow log gas flow
rev/min 1/min RPD number RPD mA3/s
200.00 108.00 0.40 17.06 -0.40 -2.74
250.00 108.00 0.40 8.53 -0.40 -2.74
300.00 108.00 0.40 5.69 -0.40 -2.74
350.00 108.00 0.41 4.26 -0.38 -2.74
400.00 108.00 0.42 3.41 -0.37 -2.74
450.00 108.00 0.43 2.84 -0.37 -2.74
500.00 108.00 0.45 2.44 -0.34 -2.74
200.00 183.71 0.39 29.01 -0.41 -2.51
250.00 183.71 0.34 14.51 -0.46 -2.51
300.00 183.71 0.32 9.67 -0.50 -2.51
350.00 183.71 0.29 7.25 -0.53 -2.51
400.00 183.71 0.31 5.80 -0.51 -2.51
450.00 183.71 0.32 4.84 -0.50 -2.51
500.00 183.71 0.33 4.14 -0.48 -2.51
200.00 295.80 0.39 46.72 -0.41 -2.31
250.00 295.80 0.31 23.36 -0.51 -2.31
300.00 295.80 0.28 15.57 -0.55 -2.31
350.00 295.80 0.24 11.68 -0.62 -2,31
400.00 295.80 0.20 9.34 -0.70 -2.31
450.00 295.80 0.16 7.79 -0.78 -2.31
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Table A2.13: Cold gassed power draw for the Prochem
Prochem log comb.
impeller flow log gas flow
rev/min 1/min RPD number RPD mA3/s
200.00 107.53 1.87 0.10 0.27 -2.75
250.00 107.53 1.32 0.08 0.12 -2.75
300.00 107.53 1.00 0.07 0.00 -2.75
350.00 107.53 0.80 0.06 -0.10 -2.75
400.00 107.53 0.67 0.05 -0.17 -2.75
450.00 107.53 0.57 0.04 -0.24 -2.75
500.00 107.53 0.52 0.04 -0.28 -2.75
200.00 183.71 2.12 0.17 0.33 -2.51
250.00 183.71 1.45 0.13 0.16 -2.51
300.00 183.71 1.11 0.11 0.05 -2.51
350.00 183.71 0.87 0.10 -0,06 -2.51
400.00 183.71 0.72 0.08 -0.14 -2.51
450.00 183.71 0.61 0.07 -0.21 -2.51
500.00 183.71 0.54 0.07 -0.27 -2.51
200.00 295.80 2.42 0.27 0.38 -2.31
250.00 295.80 1.65 0.22 0.22 -2.31
300.00 295.80 1.22 0.18 0.09 -2.31
350.00 295.80 0.96 0.16 -0.02 -2.31
400.00 295.80 0.78 0.14 -0.11 -2.31
450.00 295.80 0.66 0.12 -0.18 -2.31
500.00 295.80 0.58 0.11 -0.23 -2.31
-2.
Figure A2.1: RPD versus combined gas flow number for the concave driven CD-6 impellers
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Figure A2.3: RPD versus combined gas flow number for the hydrofoil impellers
Figure A2.2: RPD versus combined gas flow number for the 
pitched blade and the Rushton turbine
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Table A2.14: Cold gassed power draw for the HE3
impeller gas flow flow log gas flow
speed 1/min RPD number RPD mA3/s
180.00 107.53 1.54 0.10 0.19 -2.75
240.00 107.53 1.27 0.08 0.10 -2.75
300.00 107.53 1.02 0.06 0.01 -2.75
360.00 107.53 0.85 0.05 -0.07 -2.75
420.00 107.53 0.68 0.04 -0.17 -2.75
480.00 107.53 0.58 0.04 -0.24 -2.75
540.00 107.53 0.51 0.03 -0.29 -2.75
180.00 183.71 1.80 0.18 0.26 -2.51
240.00 183.71 1.33 0.13 0.12 -2.51
300.00 183.71 1.07 0.11 0.03 -2.51
360.00 183.71 0.90 0.09 -0.05 -2.51
420.00 183.71 0.78 0.08 -0.11 -2.51
480.00 183.71 0.64 0.07 -0.19 -2.51
540.00 183.71 0.56 0.06 -0.25 -2.51
180.00 295.80 1.94 0.28 0.29 -2.31
240.00 295.80 1.35 0.21 0.13 -2.31
300.00 295.80 1.10 0.17 0.04 -2.31
360.00 295.80 0.94 0.14 -0.03 -2.31
420.00 295.80 0.81 0.12 -0.09 -2.31
480.00 295.80 0.69 0.11 -0.16 -2.31
540.00 295.80 0.58 0.09 -0.23 -2.31
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A 3.1 Mass Transfer of Single Bubbles
Table 3.1: Summary of bubble growth experiments series 1 to 4
seriesl series2
Diameter frame time Diameter frame time
gm number mS gm number mS
1102.43 2555 108 1110.21 1130 58
1212.98 2606 131 1247.77 1140 62
1036.57 2657 154 1273.5 1150 67
1080.26 2708 176 1167.18 1160 71
1046.57 2759 199 1247.77 1170 76
1106.15 2810 222 1167.18 1180 80
1036.58 2861 244 1139.05 1200 89
1100.61 2912 267 1167.18 1250 111
1261.28 2963 290 1221.5 1300 133
1139.05 1400 178
temperature 97.7 °C Pressure 970 mbar 1221.5 1500 222
vapour pressure of water 929 mbar
ratio water vapour/nitrogen 19.4 temperature 90.5 °C Pressure 970 mbar
enlargement of diameter 5.37 vapour pressure of water 698 mbar
ratio water vapour/nitrogen 3.48
enlargement of diameter 3.03
series3 series4
Diameter frame time Diameter frame time
gm number mS gm number mS
805.433 570 31 844.745 620 53
805.433 580 36 844.745 640 62
805.433 590 40 844.745 660 71
844.745 600 44 844.745 680 80
844.745 650 67 844.745 700 89
882.308 700 89 882.308 750 111
844.745 750 111 882.308 800 133
882.308 800 133 882.308 900 178
805.433 850 156
805.433 900 178 temperature 77.2 °C Pressure 970 mbar
vapour pressure of water 412 mbar
temperature 83.0 °C Pressure 970 mbar ratio water vapour/nitrogen 1.73
vapour pressure of water 519 mbar enlargement of diameter 2.40
ratio water vapour/nitrogen 2.12
enlargement of diameter 2.57
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Table 3.2: Summary of bubble growth experiments series 5 to 7
series5 series6
Diameter frame time Diameter frame time
pm number mS pm number mS
882.308 700 58 623.886 795 42
805.433 720 67 623.886 815 51
805.433 740 76 569.527 935 104
882.308 760 84 720.401 985 127
882.308 780 93 673.874 1085 171
844.745 800 102 720.401 1185 216
805.433 850 124 623.886 1285 260
805.433 900 147
844.745 950 169 temperature 54.7 °C Pressure 970 mbar
844.745 1000 191 vapour pressure of water 169 mbar
882.308 1100 236 ratio water vapour/nitrogen 1.21
enlargement of diameter 2.13
temperature 65.1 °C Pressure 970 mbar
vapour pressure of water 255 mbar
ratio water vapour/nitrogen 1.35
enlargement of diameter 2.21
series7
Diameter frame time
pm number mS
1018.8 750 67
953.001 800 89
918.335 850 111
953.001 900 133
953.001 1100 222
918.335 1300 311
temperature 45.1 °C Pressure 970 mbar
vapour pressure of water 115 mbar
ratio water vapour/nitrogen 1.13
enlargement of diameter 2.08
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Figure A3.1: Start of exposure
Figure A3.3: 108mS of exposure
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Figure A3.2: 63 mS of exposure
Figure A3.4: 154 mS of exposure
Figure A3.5: 199 mS of exposure Figure A3.6: 244 mS of exposure
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A 3.2 Acoustic Bubble Sizing
Temperature (C)
Figure A3.7: Degree of saturation versus temperature for ran 2
Temperature (C)
A20
Figure A3.8: Degree of saturation versus temperature for run 3
Table A3,1: Raw data for the acoustic bubble sizing experiments
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cold run 2
Temp. cycle period 98.7 0.1 1.17
°C ms ms 98.3 0.1 1.15
19.9 0.306 0.915 98 0.101 1.145
23.3 0.099 1.245 97.5 0.102 1.143
23.2 0.109 1.195 97 0.105 1.143
23 0.119 1.145 96.7 0.106 1.139
23 0.125 1.095 96.2 0.109 1.156
22.9 0.129 1.105 95.8 0.11 1.143
22.8 0.138 1.09 95.5 0.113 1.148
22.8 0.145 1.095 94.9 0.115 1.146
22.6 0.151 1.06 94.7 0.119 1.145
22.6 0.162 1.075 94.3 0.12 1.123
22.5 0.169 1.065 93.9 0.123 1.126
22.3 0.175 1.045 93.5 0.125 1.111
22.2 0.19 1.01 93 0.125 1.112
22 0.198 0.975 92.9 0.125 1.106
21.8 0.204 0.97 92.2 0.127 1.088
21.6 0.214 0.97 91.7 0.128 1.082
21 0.222 0.965 90.1 0.147 1.068
21 0.228 0.945 88.5 0.149 1.055
87.1 0.153 1.057
85.9 0.154 1.057
84.7 0.157 1.056
run 1 83.4 0.173 1.046 !
97.67 0.099 1.245 81.3 0.174 1.049
95.83 0.109 1.195 79.4 0.185 1.032
94.09 0.119 1.145 77.4 0.192 0.99
92.61 0.125 1.095 75.8 0.2 0.99
91.16 0.129 1.105 73.4 0.182 0.99
89.82 0.138 1.09 71.3 0.215 0.949 j
88.63 0.145 1.095 69.4 0.229 0.921
86.33 0.151 1.06 67.5 0.228 0.926
84.3 0.162 1.075 65.3 0.246 0.914
82.42 0.169 1.065 63.1 0.235 0.911
80.73 0.175 1.045 61.1 0.25 0.907
77.49 0.19 1.01 59.3 0.255 0.982 1
74.67 0.198 0.975 57.6 0.257 0.955
72.11 0.204 0.97 56 0.274 0.932
69.73 0.214 0.97
66.13 0.222 0.965 run 3
63.5 0.228 0.945 97.9 0.097 1.156
97.6 0.098 1.179
97.2 0.099 1.173
95.9 0.107 1.075 j
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Table A4.1: Values for Fig. 4.4 Table A4.2: Values for Fig. 4.5
A 4 Mass Transfer in Stirred Tank Reactors
A 4.1 Experiments Results in the Hot Gassed System
heat input heat input heat input heat input
2.75 kW 5.5 kW 8.25 kW 3.75 kW
time temp. temp. temp. temp.
min °C °C °C °C
0 94.41 93.75 97 98.05
1 92.81 92.66 95.5 95.85
2 92.01 91.81 94.37 94.99
3 91.3 91.03 93.58 94.44
4 90.8 90.54 92.95 94
5 90.3 90.03 92.46 93.72
6 89.87 89.48 92.05 93.48
7 89.48 89.12 91.7 93.31
8 89.12 88.74 91.42 93.16
9 88.78 88.33 91.17 93.06
10 88.46 88.05 90.95 92.97
11 88.18 87.74 90.75 92.89
12 87.91 87.45 90.57 92.83
13 87.66 87.17 90.42 92.78
14 87.43 86.95 90.28 92.73
15 87.2 86.7 90.14 92.71
16 87.02 86.47 90.04 92.68
17 86.82 86.26 89.95 92.65
18 86.65 86.06 89.86 92.63
19 86.46 85.87 89.77 92.64
20 86.29 85.69 89.7 92.64
21 86.14 85.51 89,63
22 85.99 85.34 89.56
23 85.86 85.19 89.51
24 85.74 85.04 89.46
25 85.61 84.9 89.41
26 85.49 84.75 89.37
27 85.38 84.63 89.35
28 85.27 84.5 89.32
29 85.17 84.38 89.29
30 85.08 84.26 89.26
temp kpa kpa
°C 1/s 1/s
94.37 0.079 0.059
92.95 0.065 0.057
92.05 0.057 0.055
91.42 0.053 0.053
90.95 0.049 0.051
90.57 0.047 0.049
90.28 0.045 0.048
90.04 0.044 0.047
89.86 0.042 0.046
89.7 0.042 0.046
89.46 0.041 0.045
89.32 0.041 0.044
exp. heat loss
temp mass flux mass flux
°C g/s g/s
94.37 3.74 2.82
92.95 2.95 2.60
92.05 2.52 2.4 I
91.42 2.27 2.27
90.95 2.07 2.15
90.57 1.97 2.06
90.28 1.87 1.98
90.04 1.78 1.92
89.86 1.72 1.88
89.7 1.68 1.84
89.46 1.63 1.79
89.32 1.63 1.75
A23
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Figure A4.1: Temperature change for an air flow rate change from 10 to 15 1/min
time steps 30s/unlt
Figure A4.2: Temperature change for an air flow rate change from 10 to 20 1/min
Error Estimation
The Gaufi error law Af = 3f ■Ax, + 3f • A x9 + ....+ 3f
3x, 3x9
•Ax.
gives an error for the above described experiments of
Akga =
3k„a
3VSTR
* /V Vn/pn +“  STR ^
3kga
9p,
APo,„ +
3k„a
+
3m, 
3k a
3v:,
•A vid +
Amw + 
3k a
3k ga
3p,»
9p;
Apa
a p ;
(A4.1)
(A4.2)
Neglecting the error for the temperature measurement in the stirred tank and the 
measurement of the atmospheric pressure the last three terms drop out.
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With
j^ . ^ ^  P w( eq) Patm i^deaIgas
P\v(^eq) Pout Pout Y
follows for the calculation of kPa
(A4.3)
STR
A k a  AYSIR
k „a V,
+
STR
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Pw -PouJ +•
Pw P<
Am,
APout (A4.4)m.
The error for the calculation of the outlet partial pressure of water leads to
APo»t =
^Pc
3N
AN + Jr (
9N gas
AN =gas
N.
(N + N gas) 
N
2* * Pal
(N + N „ )-
2 P atm
•AN
•AN
(A4.5)
gas
with the error for the amount of transferred water 
Am...
AN =
M.
(A4.6)
and the amount of initially sparged gas 
AN. 3N ™ 3N „ .1S d N easgas • A T  + gas
3p
• A p  + gas
3T 3Vgas
With
N  — I i  / Po
8as v T A d id 0 V Pi
• A V . (A4.7)
(A4.8)
V0 being the reading of the rotameter and index 0 indicating for standard conditions 
(NTP), above expression results into
AN_. = ia . ._ L .  J K .A T  + —  A . I .  |P s ..A p+ _ L . i .  | P . . AV (A4.9)gas
V id T0 y P ] V id T0 2 y p, V jd T0 y pj
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- The liquid volume of the stirred tank is determined by filling it up to a filling mark, 
having been calibrated by filling the vessel with buckets with filling mark and weight 
measurement. The amount of water which is contained in the condenser and above 
initial filling is estimated to be A V Str  =  1 1.
- The condensate flux was determined by weight measurement over intervals longer or 
equal 30s. Its accuracy is estimated to be A mw = 1 g/min.
- The temperature of the sparged gas taken out of the compressed air line is estimated 
to be A T = 5 K around the standard temperature.
- The pressure behind the rotameter used in the calculations to correct the gas flow 
reading was equivalent to the water head in the vessel (50 cm column) neglecting the 
pressure loss through valve and sparger. Hence it is estimated to be A pj = 10 mbar.
- The reading of the gas flow rate was taken from the rotameter scale and is estimated 
to be within A V = 1 1/min.
Using these values the flow rates of gas and water can be calculated for conditions 
of 20 °C and 1 atm with an accuracy up to
^ ^ sas = 2 5  % + -  1 ^ m in  
N Vgas
The measurement of the molar flux of water (not including the amount of 
condensation in the lines leading to the saturator) will be in the accuracy range of 
A N  =0.5 mol/min. The heat flux from the vessel to the ambient does not affect the 
accuracy of the measurement if the calculation of kga is based on the condensate rate.
This gives following accuracies for the three different series of measurements 
dependent on the heat input and the temperature:
The experimental accuracy is subjected to the following parts:
Series 1 Series 2 Series 3
2.75 kW 5.5 kW 8.25 kW
accuracy from 0.27 to 0.57 from 0.73 to 2.07 from 0.58 to 2.26 incr. to
for kga incr. to higher temp. higher temp.
The closer the partial pressure of water is to the vapour pressure (saturation) the 
greater is the relative experimental error peaking with 2.26 at the experiment with the
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highest heat input and high temperatures. This seems to be very high but still allows to 
draw a clear picture of the order of magnitude of the gas side mass transfer resistances.
However, since above calculation for the accuracy does not include the effect of 
water condensation in the lines leading to the condenser, which leads to an 
underestimation of the mass transfer coefficient, it seems more reliable to have a look 
at the values calculated at a different method.
The heat balance for the whole system of the STR
Qin = R temp + H evap + Hloss (A4.10)
Hence the calculation of the amount of evaporated water depends on the accuracy 
of the heat input, the heat loss, and temperature over time measurements.
The heat loss term is determined by measuring time, temperature, assuming a 
certain liquid volume and does not take into account the residual heat of the 
equipment:
3T
a t
H,oss = —  •mw*cpw (A4.ll)
The enthalpy due to the temperature drop in the bulk liquid is
3T 
a tH ,emp = r a - ' m w -Cpw (A4.12)
From this the amount of evaporated water can be calculated:
Qin Rtemp Rloss , . . ,m = --------- ^ ---------  (A4.13)
A hv
Since this a straightforward linear relationship the total accuracy is composed out 
of the addition of the accuracy of any measured term.
The accuracy of the temperature measurement can be neglected here (high 
precision PtlOO), the temperature measurement is taken within an estimated time 
interval of ± ls and as mentioned earlier the amount of water in the tank is about 
801 ± 1 1. Hence the accuracy for the measurement of the amount of evaporated water 
adds up to
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Figure A4.3 and A4.4 show the heating up and cooling for the STR without stirring. 
The heating up phase was carried out with full heat input (8.1 kW).
A 4.2 Calculation of the Heat Capacity of the Reactor
ttiTO/mtn tlmo/mln
Figure A4.3: Heating up curve Figure A4.4: Cooling curve
By substracting the cooling heat flux from the heating up value at a certain temperature 
the heat flux going int the heat capacity of the water and the vessel can be calculated 
(here for example at 40 °C):
- j— = (1.076 — 0.057)—7-  = 1.018-1— (A4.15)
dt mm mm
Knowing the amount of water in the vessel (80 1) and the heat input (6.75 kW) the 
fraction of the heat flux used to heat up the vessel can be worked out:
H = 3.65 kW - - j -  ■ c ■ m = 6.75 kW -1.018-% -. 4 ,ig 3 _ lL _ . 80 kg = 1.08 kW 
d t pw min kg-IC 5
This gives a value for heat content of the reactor of
1.08 kW kJcpR • m R = H / (dT / dt) = —  —  — = 63.65 —
1.018 K / m m  K
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A 4.3 An Estimation of the Experimental Error for the Temperature Drop 
Measurements
From Chapter 2.2.4 the relationship for the temperature when sparging gas into a 
boiling reactor (Eq. 2.11) is:
AT = 1
d p . / d T  1 + v(T). w
(A4.16)
Qfi' AHv
with dpv/dT as gradient of the vapour pressure of water with temperature at a certain 
temperature (T0-T;), W as net heat supply, Qg as sparged ideal gas rate (NTP), and 
AHV as latent heat per mol.
Eq. A4.14 neglects any effects of surface tension and bubble size. The solution for 
the temperature fall can than be attained by an iteration process. The results for the 
calculated temperature drops for the experiments of Chapter 4.2.6 compared to the 
experimental values are illustrated in Figs. A4.5 and A4.6.
The values for the low air flow rates can be predicted quite reasonably with in a 
range between 24 and 17 %, not considering the heat input. As expected the higher the 
heat input is the lower is the influence of an almost constant heat loss. Therefore the 
calculated temperature drop at high heat inputs is closer to the experimental result. The 
results for the high air flow rates show the opposite tendency. The calculated 
temperature drop is higher than the experimental value but again the difference gap 
gets closer with higher inputs for the same reason than above.
With Eq. A4.14 the net heat input can be calculated from the experimentally 
determined temperature drop
W = Po
-A B • exp
VT i J
AT
- 1
Q - a h v -P(
R T ,
(A4.17)
Fig. A4.5 compares the calculated and the experimental heat input. The results for 
low flow rates give heat losses from 27 to 20 %. For high flow rates the calculated 
heat input is higher than the real input of the heating elements.
Appendix A29
|
1Input
Input
ated heat input 
ated heat input
» heate 
« calcul
o calcul i
-------
30 40 50
air flow rate / (1/min)
This may be the result of 
a not saturated gas phase due 
to a flooded impeller.
Because for the
determination of the 
equilibrium the gas hold-up 
is smaller than the real gas 
hold-up. This firstly leads to
an overestimation of the
, Figure A4.5: Comparison between the calculated and the
tem perature drop as well as . , , ,  . . r  •r  r  experimental heat input for air flow rates of 15 and 70 i/mm
of the net heat input. Hence
the calculated heat input values for lower gas rates are more reliable because they are 
closer if not at equilibrium conditions.
Apart from any other experimental error like the evaporation of water from the 
free surface of the vessel, the calculation of kga includes an uncertainty of the amount 
of heat loss. Whereas the heat loss through the tank wall does not have any effect, 
condensation below the lid and in the line leading to the condenser produces a 
deviation from the real 
value because this amount 
was actually evaporated but 
does not contribute to the 
condenser outflow. Since it 
was not experimentally 
possible to separate these 
two effects the nominal heat 
input of the heaters were 
used in order to calculate 
the condensate fluxes for 
further measurements.
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Figure A4.6: Calculated temperature drops for the 
experiments of Chapter 4.2.6 compared to the experimental
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A 4.4 Conductivity Probes
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Figure A4.7: Conductivity as a function of the ammonia concentration for the 
conductivity probe with sensitivity K = 0.1
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Figure A4.8 Conductivity as a function of the ammonia concentration for the 
conductivity probe with sensitivity K = 1
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A 4.5 Absorption of Ammonia into Phosphoric Acid - Dip Pipe
Table A4.3: Summary of dip-pipe experiments
temperature submergence Cin Com flow rate In c0ut
°C mm ppm ppm 1/min
2.7 kW
98.15 0 38079 2985 15.64 8.00
96.36 35 38079 1128 15.98 7.02
96.04 60 38079 675 15.64 6.51
95.76 95 38079 342 15.98 5.83
95.25 145 38079 157 15.64 5.06
95.05 180 38079 109 15.64 4.69
5.4 kW
100.9 0 41525 1090 15.64 7.00
100.18 40 41525 617 15.64 6.42
100 45 41525 539 15.64 6.29
99.07 80 41525 492 16.03 6.19
98.05 140 41525 209 15.67 5.34
98.06 195 41525 108 15.98 4.68
98.04 255 41525 85 15.64 4.44
97.77 300 41525 50 15.64 3.91
96.50 500 41525 30 15.64 1.79
8.1 kW
100.64 0 37105 522 15.64 6.25
100.59 50 37105 379 15.64 5.93
100.54 85 37105 320 15.81 5.77
100.38 120 37105 232 15.47 5.45
99.57 190 37105 117 16.15 4.76
99.15 255 37105 79 15.81 4.37
A31
Appendix A3 2
A 4.6 Absorption into Hot Water
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Figure A4.9: Overall mass transfer coefficients K„a versus time
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Figure A4.10: Overall mass transfer coefficients Kga versus the equilibrium concentration
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Figure A4.11: Overall mass transfer coefficients versus the equilibrium 
concentration over the liquid phase in the stirred tank reactor
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A 4.7 Desorption out of hot water
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Figure A4.12: k„a values versus temperature
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Figure A4.13: kga values versus temperature
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The experimental errors for the ammonia experiments are determined by the error for 
the feed side for inert gas and ammonia concentration (absorption experiments into 
water as well as phosphoric acid) and the outlet for the condensate measurement and 
the ammonia analysis (desorption and absorption into water). The equation used for 
the calculation of the mass transfer coefficients was
A 4.8 Experimental Error for the Ammonia Experiments
with Ynh being zero for the absorption experiments into phosphoric acid and
yNH3,in f°r the desorption experiments. By assuming that, due to very accurate
temperature measurement in the vessel the error for the saturation concentration is 
negligible (and neglecting a possible temperature difference caused by evaporation), it 
follows for the relative error
(A4.18)
. (A4.19)
For the molar concentrations of ammonia in the in- and outlet follows
NNHi.in
(A4.20)
(A4.21)
respectively, and hence for the relative experimental error
Appendix A37
AY NH3,i
NHj.in
ANgas +
N gas
Nnhj.ui (NNHj)in +N gas)
ANin (A4.22)
and
Ay NH3>out 1
• ANgas ±
N gas 1
y NH3,out (Nnh3,oui +Ngas) NH 3 .out (N nh 3 _ out + N ga■)j
AN, .(A4.23)
From above (Eq. A4.20), and including the saturatur stream, we can calculate the 
error for the measurement of the amount of initially sparged inert gas
AN.
N
gas , 1 1/min 0.11/min
 = 2. J VO H--------: 1 ;----------
gas V v sat
(A4.24)
In order to determine the ammonia concentration in the feed a part of the saturator 
outflow was sparged into the absorber cell described in Chapter 4.33, equilibrium 
established and with knowledge of the temperature the ammonia concentration in the 
gas phase calculated. The temperature measurement was done with an accuracy of 
±0.1 IC, which indicates a relative error of under 0.05 %. It is more significant whether 
the establishment of the equilibrium had been completed. Since this is an asymptotic 
process the absorber was run without sparging the STR for some time (up to 30 mins) 
before the actual experiment. This ensured a sufficient time to get the absorber liquid 
into equilibrium with the gas phase. But since the concentration of the saturator 
changes gradually this value is not constant, but within a range of ± 1 % (running the 
saturator for one hour at maximum sparge rate).
The response time of the absorption system in terms of liquid distribution within 
the absorber was checked by the injection of phosphoric acid and monitoring of the 
conductivity change in the cell. The response time was well within one minute to reach 
a constant conductivity reading. Tests have also shown that the reading is not sensitive 
to flow between the electrodes.
The inlet flow of ammonia is then calculated by using the measured value for the 
saturator outflow:
n ,„ = y
v„
NH3,nbs (A4.25)
Hence
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A.Nm. - AyNH^lbs + A%il (A4.26)
y NHj.abs s^at
For the ammonia analysis in feed and off-gas the conductivity probes were 
calibrated and the ammonia concentration in the liquid phase calculated according to 
following relationship:
xNHj=a-xb (A4.27)
with a= 10.0017 and b = 0.4568 for the conductivity probe used for the off-gas 
analysis, and a = 9.5366 and b = 0.4695 for the conducitvity probe used to analyse the 
feed composition and ammonia concentrations higher than 200 ppm.
The manufacturer gives an accuracy for the readings of ± 0.5 %. For conductivities 
lower than 200 ppm the ammonia concentration was determined graphically on graph 
paper because the fitted curve did not represent the values satisfactorily.
The calibration of the probes was carried out with diluted solutions which were 
checked in their ammonia concentration by titration with 1-M hydrochloric acid (CVS) 
of a ± 0.2 % HC1 content. Hence the experimental error of the calibration is within the 
limits of ± 0.7 %. The drift of the ammonia electrodes was checked by repetition of the 
calibration and was found to be negligible within the accuracy range of the initial 
calibration.
The accuracy of the flow rate measurement is determined by the use of Eq. A4.24 
with the difference that here flowmeters with a lower range were used, giving a 
maximum error for the reading of 0.1 1/min.
With above information the relative experimental error for the measurement of the 
ammonia input into the STR is:
KYi- _ 0 7% + 0.2% + 0.5 % + 2.5 %  + 0,1 !/mln = 3.9 % + °J */ mln (A4.28)
N», Vm Vs„
The measurement of the total number of moles of ammonia leaving the column 
following relationship was used:
Non, = XNHj,out 'NCond  ^Y NHvout 'Ngns (A4.29)
This gives for the relative error, neglecting the error for the condensate measurement 
and the calculation of the gas phase composition from the liquid content of ammonia:
--N-9--- = — NHa,0Ut- + A N-C0IU| + —yNH3’0U1 + —Ngas = 1.4 % + 2.5 %  = 3.9 % (A4.30)
N x N v Nout NH3,o«I cond J NHV out gas
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